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In order to deliver quality products with the lowest possible costs and energy 
consumption, the chemical process industry is constantly evolving.  Recycling and 
energy integration are common place in an industrial plant. Moreover, new products 
and processes are being developed. The multiple challenges require an effective control 
system, from the perspective of the entire plant. In this thesis, two important issues of 
plant-wide control (PWC) are studied.  
Firstly, many PWC methodologies have emerged in recent years but systematic 
comparisons of them are scarce. In this study, the ammonia synthesis process is 
employed as a test bed to develop, and to compare the performance of two new and 
promising PWC methodologies – the self-optimizing control (SOC) and integrated 
framework of heuristics and simulation (IFSH). Unbiased performance indicators are 
used, and the conclusions drawn will give some insights for the control engineer to 
select a suitable methodology for his/her applications. 
Secondly, decisions based on design perspective and control perspective can be 
conflicting. In order to have an overall optimal plant, one has to design and analyze 
from both these perspectives. To investigate this, biodiesel process is considered in this 
thesis for its interesting alternatives in plant design and contemporary importance. 
Several alternative process flow sheets are developed and compared based on economic 
profitability and dynamic control performance. This novel study provides insights to 
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1.1 Plant-wide Control (PWC) 
 
Modern chemical plants face multiple challenges – to deliver product at consistent 
quality and low cost, to manage plant dynamics altered by material recycle and energy 
integration, to satisfy environmental and safety regulations, and to have a certain degree of 
flexibility to handle fluctuations such as production rate changes (in response to changing 
market demand) and feed quality. All of these are the responsibilities of a reliable and 
efficient control system. As chemical plants strive to maximize economic profits and 
minimize energy consumption and pollution, many plants now encompass features such as 
material recycles and energy integration, and thus are more complex than the union of a set of 
unit operations. More than ever the control task from the plant-wide perspective has become 
crucial to safe, efficient and economical plant operation. Plant-wide control (PWC) has thus 
gained importance as a discipline of study since the first paper published by Buckley in 1964.  
Plant-wide control (PWC) refers to the design of the control structure and controller 
parameters in the perspective of the entire plant, and achieves a set of pre-determined control 
objectives. There are many themes in PWC study, such as methodology development, 
controller design and tuning, performance assessment criteria, case studies etc. The major 
problems in PWC study discussed in this thesis are the investigation on different PWC 
methodologies and the search for optimal plant operation through both design and PWC. 
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Plant-wide control is a large-scale and challenging problem. Researchers have 
developed many different methodologies to approach this problem, and have applied the 
methodologies to several industrial processes. Each methodology presents distinct features 
and ease of application, and may possess different objectives. Comparison of the different 
methodologies is thus an important area of study. Furthermore, there is a link between design 
and control of plant. A plant designed for lowest cost may be difficult to control; on the other 
hand, a plant with good control performance may incur higher capital and/or operating costs. 
It is important to consider design and control together for an optimal plant operation. 
It is important to mention the role of process simulators for PWC studies. The 
rigorous non-linear process models are useful tools to accurately understand process 
dynamics, and thus can be used in both control structure development and validation. Many 
of the PWC methodologies use process simulators in different stages. Aspen Plus and 
HYSYS are among the most popular simulators employed in PWC studies. In fact, these and 
other simulators are being used in the process industries. 
 
1.2       Motivation and Scope of work 
1.2.1    Comparative Studies on PWC methodologies 
 Many different PWC methodologies have been developed in the last half century. 
Vasudevan et al. (2009) have systematically classified the PWC methodologies in two ways, 
i.e. based on their controller structure or based on the main approach in the method. 
Structure-based classification put methodologies to centralized, decentralized and mixed 
methods, while approach-based classification classify methodologies into heuristic, 
optimization, mathematical and mixed-approach categories.  
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Heuristic-based approach reaps largely the benefit of experience. Insights of the 
process are necessary for the appropriate implementation of control loops. These 
methodologies generally use traditional PID controllers, and the objective is to achieve a 
stable control structure with good performance with a relatively uncomplicated procedure. 
One of the most important PWC methodology based on heuristics is by Luyben et al. (1998). 
This is a tiered strategy that deals with different control tasks (ranked according to the 
importance of the control task) at different levels. However, heuristics-based methodologies 
have some limitations. Since every process is different, application of the methodology 
requires significant process understanding and experience to apply to each of the process. 
Besides, heuristics may not be applicable for all processes and situations. To overcome this 
limitation, Konda et al. (2005) designed a largely heuristic-based methodology where process 
simulation is involved in most levels of the procedure, to validate the decisions based on 
heuristics and to aid difficult control decisions that are not resolved based on heuristics alone. 
Optimization and mathematical-based approaches usually depend on process models 
and intensive computations. Examples are Zhu et al. (2000) who used optimization-based 
strategy to integrate linear and non-linear model predictive control, Groenendijk et al. (2000) 
and Dimian et al. (2001) who adopted a mathematical approach to combine steady-state and 
dynamic controllability analysis to evaluate dynamic impurities inventory, and Cao and Saha 
(2005) who used an efficient ‘branch and bound’ method for control structure screening. 
These approaches are often prone to model inaccuracies. 
Mixed-approaches combine any of the heuristics, optimization or mathematical 
perspectives. One of the popular mixed methodology is the self-optimizing control (SOC) 
proposed by Skogestad (2004). The objective of SOC is to find a set of ‘self-optimizing’ 
variables, which when maintained constant, will lead to minimum economic loss when 
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disturbances occur. Therefore, there is no need to re-optimize the plant, as these variables 
keep the plant ‘near-optimal’.  
Despite of the abundance of methodologies in the PWC literature, they are 
individualized and there is little comparison of the different methodologies. When facing a 
PWC problem, the choices are many and the outcomes of adopting different methodologies 
remain unclear. Therefore, it is important to compare control structures of the same plant 
obtained from different methodologies to serve as a starting point for the decision-maker to 
choose a method that best suits the needs and objectives. To date, Araújo et al. (2007b) has 
compared the control performance of HDA plant to that of Luyben (1998), and Vasudevan et 
al.(2009) presented the application of three methodologies, namely, Luyben et al.’s nine-step 
heuristic-based procedure (Luyben et al. 1998), integrated framework of simulation and 
heuristics (IFSH) (Konda et al., 2007) and SOC (Skogestad, 2004; Araújo et al., 2007a; 
Araújo et al., 2007b) to the styrene monomer plant, and evaluated the performance of the 
resulting control structures. Comparisons of other chemical processes are scarce. Therefore, 
there is still room for more comparison studies of other processes, in order to further test the 
methodologies and to improve them. So, in this thesis another comparison has been carried 
out for an important industrial process – the ammonia synthesis process. 
To be able to compare the control structures, one has to adopt a set of unbiased and 
comprehensive assessment criteria. Vasudevan and Rangaiah (2010) have proposed several 
such criteria including assessment on process settling time, inventory accumulation and 
economic criteria. These will serve as the basis for performance analysis. 
1.2.2     New Applications for PWC 
 The simple reaction-separation-recycle (RSR) systems have been used as test-beds in 
PWC studies. These systems can be fictitious or based on real plants. Real complex industrial 
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plants have been tested as well. Early PWC studies are centered over a few such processes, 
namely, toluene hydrodealkylation (HDA) and Tennessee Eastman (TE) processes. Ng and 
Stephanopoulos (1996), Cao and Rossiter (1997), Luyben et al.(1998), Kookos and Perkins 
(2001), Konda et al. (2005), Araújo et al. (2007a, 2007b) and Reddy et al. (2008) have 
applied their respective methodology to the HDA process. Consideration of other processes is 
relatively limited; examples are vinyl acetate monomer process considered by Luyben et 
al.(1998), Olsen et al.(2005) and Chen and McAvoy (2003), styrene monomer plant 
considered by Turkay et al. (1993) and Vasudevan et al.(2009), and ammonia synthesis 
process considered by Araújo and Skogestad (2008). More new case studies have been 
presented by Luyben in recent years, such as monoisopropylamine process (Luyben, 2009a), 
autorefrigerated alkylation process (2009b) and cumene process (Luyben, 2010).  
Different processes can sometimes have distinct features and present different 
challenges in control. For example, a very exothermic or endothermic reactor may need more 
rigorous temperature control than an isothermal process; and a highly coupled distillation 
column may be much more difficult to control than a non-coupled column. Therefore, it is 
important to select more other chemical processes as test beds for PWC methodologies in 
order to prove their validity and to further improve them.  In addition to the ammonia 
synthesis process, the biodiesel manufacturing process has been selected as another PWC 
candidate. With diminishing fossil fuels reserves and the environmental problems caused by 
using them, biodiesel has emerged in recent decade as a promising alternative for the 
conventional diesel fuel. It is a relatively new process, dynamic simulation of the process has 
not been carried out to-date and control studies on the process have not been published.  
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1.2.3    Design and Control for Optimal Plants 
 There are some inherent conflicts between design and control. For example, 
economics dictate the smallest possible units be used, but this will cause control difficulties. 
A compromise has to be searched that satisfies reasonably economic profit and 
controllability, and an overall solution needs to have a balance of both. Most of the PWC 
studies assume that a process design is already available. A more complete analysis would be 
to consider both the design and control of the process.  
 The integration of design and control can be categorized as either simultaneous or 
sequential. Initial investigations focused on the sequential approach, i.e. considering 
parameter optimization and control system after process flow is finalized. In such an 
approach, many designs are ruled out in the early stage, and one can end up with an 
inadequate design for control studies. In recent years, the simultaneous approach of design 
and control has gained more attention as it considers thoroughly process alternatives and can 
potentially reap more economic benefit (Miranda et al., 2008). Several methodologies were 
developed for simultaneous design and control. Ricardez-Sandoval et al. (2009) classified 
these methodologies to (i) controllability-index based, (ii) dynamic optimization based and 
(iii) robust approaches. In (i), controllability indices such as RGA or condition number are 
used to characterize closed-loop process behavior (Luyben and Floudas, 1994). In (ii), non-
linear dynamic models are simulated on a finite time scale with time-dependent disturbances 
(Mohideen et al., 1996; Kookos and Perkins, 2001; Sakizlis et al., 2004; Seferlis and 
Geordiadis, 2004; Flores-Tlacuahuac and Biegler, 2005). In (iii), complex non-linear 
dynamic models are replaced with equivalent model structures, complete with uncertainties in 
model parameters, to estimate infinite-time bounds on process feasibility and controllability 
(Ricardez-Sandoval et al., 2008; Ricardez-Sandoval et al., 2009). Besides these three major 
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categories, Ramirez and Gani (2007) also developed a model-based methodology and applied 
to a reaction-separation-recycle (RSR) case.  
There are some limitations to the aforementioned simultaneous design and control 
methodologies. One limitation is the large search space when the design and control problems 
are combined, thus considerable computation cost. Ricardez-Sandoval et al. (2009) estimated 
that for the dynamic optimization based approach, the computation time for a simple mixing 
tank can go up to about 1 hour, which is an indication as computer systems differ. The 
computation time for large-scale systems will go up exponentially as the search space grows 
with the number of units, degree of interaction between units and time horizon. As a result, 
application of the approach to real large-scale systems is lacking. To circumvent the 
computationally expensive dynamic optimization problem, Ricardez-Sandoval (2009) 
reformulated the problem to a non-linear constrained optimization problem. They applied 
their methodology to a simple mixing tank process, and the Tennessee Eastman (TE) process. 
However, the scope considered for the TE process is limited, i.e. they first considered the 
reactor section alone, and then considered the capacities of the flash, reactor and stripper as 
the only equipment size related decision variables. For a large-scale industrial process, 
complete formulation of the problem still requires significant amount of model development 
time and computation. 
The second disadvantage of simultaneous design and control methodologies is the 
simplification of process model. A dynamic model of the process involves complex 
formulation such as the mass and energy balances, reactions, heat transfer and sophisticated 
thermodynamic model(s). Model simplifications and approximations are often required, and 
so inaccuracy is an inherited disadvantage. 
                                                                                                                               Chapter 1 Introduction 
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To tackle the complex problem of combined design and control, and avoid expensive 
computation, Konda et al. (2006) presented a modified sequential approach. As mentioned 
earlier, sequential design and control is simpler to apply; however, design alternatives are 
ruled out too early in the process and the finalized design may not be optimal in the control 
perspective. Konda et al. (2006) adopted an approach whereby process design alternatives are 
systematically generated based on a modified version of Douglas’s (1988) doctrine of 
conceptual process design, and the alternative flow sheets are assessed based on their 
economic merit. The most promising designs are subjected to control studies, and 
recommendations can be made based on both the economic assessment and the control 
performance assessment. This approach, although still sequential, is still relevant and 
advantageous in many ways. Firstly, it is simpler to apply without losing alternatives that 
would be otherwise discarded based on economic criterion alone. Most importantly, 
expensive computations are avoided. Therefore, this approach is adopted in this thesis, and 
applied to the biodiesel process. 
It is important to note that, although a modified sequential approach is preferred in 
this case, the benefits and potential of the simultaneous approach are immense. Given more 
efficient computations and improved reliable methodology, the simultaneous approach to 
design and control will be an important way to search for the optimal process. 
1.3      Thesis Outline 
This thesis has five chapters. Following the introduction, Chapter 2 presents the 
comparative study of SOC and IFSH methodologies applied to the ammonia synthesis 
process and the performance assessment based on several criteria. Chapter 3 discusses the 
base-case process design of the biodiesel process based on methanol transesterification of 
vegetable oil, as well as the control system design by IFSH. Chapter 4 explores further the 
                                                                                                                               Chapter 1 Introduction 
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biodiesel manufacturing process by short-listing economical design alternatives and 
subsequently analyzing their dynamic control performance. Such sequential design and 
control approach identifies the optimal case. Finally, the conclusions of this study and 
suggestions for future work are given in Chapter 5. 
. 





A Comparative Study of PWC Methodologies 
for the Ammonia Synthesis Process
1
 
2.1      Introduction  
Many systematic PWC methodologies have been developed to date with different 
approaches. Each of the methodologies has its own merits and limitations, and has different 
objectives. Different methodologies may yield different control structures and different 
control performance. A control engineer need to adopt a methodgology that yields stable 
control structure meeting his/her control objectives and giving good performance as far as 
possible. For this purpose, it is important to compare control performances of different PWC 
methodologies. 
Despite the challenge and difficulty of the PWC problem, some important 
methodologies have emerged in recent years that are effective and relatively easy to apply. 
One such methodology is the nine-step heuristic methodology developed by Luyben et al. 
(1998) in which specific control problems are tackled in each level of the procedure. To 
circumvent the over-reliance of this methodology on experience, Konda et al.(2005) 
formulated the integrated framework of simulation and heuristics (IFSH) that combines the 
benefits of process simulators with heuristics in an eight-step procedure to guide and validate 
control decisions based on heuristics. Another important PWC methodology based on 
decentralized control is the self-optimizing control (SOC) procedure proposed by Skogestad 
                                                     
1
 An article has been published based on this chapter:: Zhang, C.; Vasudevan, S.;Rangaiah, G. P. 
Plant-wide Control System Design and Performance Evaluation for Ammonia Synthesis Process. Ind. 
Eng. Chem.Res., 2010, 49, 12538-12547. 
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(2004).  This methodology aims to find a set of self-optimizing variables which, when 
maintained constant, leads to minimal profit loss when disturbances occur, without the need 
for re-optimization.  
It is important to have comparative case studies involving application of more than 
one methodology; they are needed to test the PWC methodologies and to further improve 
them. In this chapter, a real complex process, namely, ammonia synthesis is used as the test-
bed for conducting a comparative PWC study. Ammonia produced by Haber-Bosch process 
is used as a precursor in the fertilizer industry and accounts for an estimated 40% of the 
protein needs of humans (Kirk and Othmer, 2004), making it an important inorganic 





have designed a control system for the ammonia synthesis 
process using the SOC procedure. In this chapter, the complete control system for this 
process will be developed using IFSH. The control performance of both the IFSH and SOC 
control systems will then be comprehensively evaluated. 
The rest of the chapter is organized as follows: the next section gives an overview of 
the two important PWC methodologies investigated in this chapter. Section 2.3 describes the 
plant design and optimization. Section 2.4 discusses the step-by-step implementation of the 
IFSH procedure to the ammonia plant. Results and discussion are in Section 2.5, where a set 
of performance measures are used to assess the performance of the IFSH and SOC control 
structures. The conclusions are finally given in Section 2.6. 
 
 2.2      IFSH and SOC Methodologies 
The IFSH methodology proposed by Konda et al. (2005) has the unique advantage of 
using rigorous process simulators in each step of the control structure synthesis. It reaps the 
benefit of non-linear and rigorous simulators, especially dynamic simulation, to capture 
               Chapter 2 A Comparative Study of PWC Methodologies for the Ammonia Synthesis Process 
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essential process behavior, and uses them as a tool to aid the application of more difficult 
heuristics and to validate control decisions based on heuristics. The tiered methodology 
divides the overall PWC problem to sub-tasks. Each of the eight levels deals with the specific 
task, and the sequence is based on a hierarchy of priorities. In levels 1 and 2, important 
details/requirements are consolidated prior to control structure synthesis, such as definition of 
control objectives, determination of control degrees of freedom (CDOF) and tuning criteria.  
In levels 3 to 5, specific controlled variables are considered at each level 
corresponding to their importance and implications to the plant, and appropriate manipulated 
variables are selected. The reasons for selecting a particular set of controlled variables at 
these levels are as follows. Level 3 deals with the control decisions pertaining to product 
requirements such as throughput and product quality. It is important to give priority to these 
controlled variables as process industry is product-centered; furthermore, the location of the 
throughput manipulator (TPM) may have profound implications on other loops as they must 
form a self-consistent structure (Price and Georgakis, 1993). Therefore, TPM and product 
quality manipulator are considered first in level 3.  
In level 4, process constraints are first considered as controlled variables, as 
equipment and operational constraints pose safety concerns for the plant. Once process 
constraints are dealt with, level and pressure loops are considered next. It is important to 
consider level loops before other composition controls and unit operation control loops 
because levels are integrating and may cause plant instability. After important controlled 
variables in levels 3 and 4 are paired with appropriate manipulated variables, unit operations 
are considered in level 5. Subsequently, material inventory is analyzed taking into 
consideration the effects of integration in levels 6 and 7. Any possible improvement using the 
remaining CDOFs are considered in level 8. 
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In SOC procedure, the control system design is divided into local optimization, 
supervisory and regulatory layers based on decreasing time-scale, each layer receiving set 
points computed in the upper layer. In the supervisory layer, constant set-point policy is 
adopted for the set of self-optimizing variables. The flowsheet is first optimized with respect 
to steady-state degrees of freedom for various disturbances to identify the active constraints, 
and then a local linear analysis is applied to identify remaining controlled variables (Araújo et 
al., 2007a). A loss analysis is then carried out for the promising sets of controlled variables to 
shortlist the set that is truly self-optimizing. The regulatory layer consists of controllers that 
aim to avoid excessive drifts from the nominal operating point. The economic advantage of 
the SOC methodology is that the systematically selected ‘self-optimizing’ variables, when 
maintained constant, will lead to minimal loss of profit when the plant is subject to 
disturbances; thus re-optimization is not necessary. This methodology has been applied to the 
HDA plant (Araújo et al., 2007a; Araújo et al., 2007b) and the ammonia plant (Araújo and 
Skogestad, 2008). 
2.3      Steady-State Plant Design and Optimization 
2.3.1    Process Description  
The Haber-Bosch process combines atmospheric nitrogen with hydrogen in 1:3 
stoichiometric ratio to give ammonia with no by-products (Kirk and Othmer, 2004). The 
source with which hydrogen is obtained makes the distinction of different ammonia 
processes. In this study, as in Araújo and Skogestad (2008), it is assumed that hydrogen is 
supplied from an upstream synthesis gas facility. The reaction is reversible and exothermic, 
and follows the Temkin-Pyzhev kinetics (Araújo and Skogestad, 2008): 
      
  
    
   
      
   
    
     
    
   
    …………………………………………..…...(2.1) 
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 ………………………………………..(2.3) 
Here,           
  
  
   is the bulk density of the catalyst,    is the partial pressure of the 
gaseous reactant/product i in bars, and   (= 4.75) is the multiplier used to correct for catalyst 
activity. k1 and k1 are the rate coefficients of the forward and reverse reactions. The kinetics 
and parameters used are the same as those in Araújo and Skogestad (2008).  
The Haber-Bosch process is intrinsically complex due to the reversible equilibrium type 
of reaction. While equilibrium favors lower temperatures, kinetics impose limit on the lowest 
useful temperature. In this study, the  temperature in the synthesis reactors is above 300°C, 
and the reactor configuration is the quench converter type, i.e. three gas-phase plug flow 
reactors in series with intermediate cold feed injection. The process pressure is high (above 
200 bars). The separator, on the other hand, is relatively simple. A single adiabatic flash is 
used to disengage ammonia product and unreacted gaseous reactants; the latter are recycled 
back to the reaction section. The complete steady-state flowsheet is shown in Figure 1. In 
this, the fresh feed is mixed with the cooled reactor outlet stream and fed into the flash 
separator. This flowsheet is one of the alternatives available for ammonia synthesis process 
(Kirk and Othmer, 2004), and the layout, equipment parameters and operating conditions are 
the same as those in Araújo and Skogestad (2008). 
 
2.3.2     Steady-State Optimization and Dynamic Simulation 
The steady-state and dynamic simulation are done using Aspen HYSYS. Peng-
Robinson equation of state is chosen for prediction of fluid properties. Araújo and Skogestad 
(2008) reported eight steady-state degrees of freedom for optimization, namely, purge flow 
rate (Fpurge), feed and compressor power (Wfeed and Wrec respectively), the three split ratios 
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into the reactor beds and cooling water flow rate in the two heat exchangers: HX2 and HX4. 
Maximum cooling is desirable as lower temperature favors ammonia recovery in the 
separator, thus the two cooling water flow rates are set at their respective maximum. The 
remaining six degrees of freedom are used as decision variables for steady-state optimization 
using HYSYS Optimizer. The objective (profit) function is as follows: 
 
                                                                                 
                                                                                                     ………………………………….(2.4) 
It is assumed that ammonia and low-pressure steam generated in the process brings revenue 
for the plant while the purge stream possesses fuel value. The prices involved in equation (4) 
are the same as those used by Araújo and Skogestad (2008): pprod = 0.20 $/kg, ppurge = 0.01 
$/kg, psteam = 0.017  $/kg, pgas = 0.08 $/kg and pelec = 0.04 $/kWh  
With the same property package and kinetics, Aspen HYSYS optimizer gives stream data 
and operating conditions comparable to those using Aspen Plus by Araújo and Skogestad 
(2008), as shown in Table 1; small differences in these quantities are due to the property 
model and other differences in the two simulators. Therefore, the SOC control system of 
Araújo and Skogestad (2008) can be implemented without re-design. Important design and 
stream data of the optimized process are shown in Figure 2.1. To convert a steady-state 
model to dynamic, pressure-flow relations need to be specified in HYSYS. Proper plumbing 
(placement of control valves, pumps and compressors in the dynamic flowsheet) is done, and 
major equipments are sized based on general guidelines (Luyben, 2002).  
2.4       Control Structure Synthesis by IFSH 
Application of the steps in IFSH methodology to the ammonia synthesis process are 
described below. 
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Level 1.1: Define PWC Objectives. First and foremost, the control objectives should 
be formulated as a guideline since different control objectives may yield different control 
structures. The PWC objectives typically consist of product quality and production rate 
specifications, plant stability, safety and environmental requirements.  
 
Table 2.1: Important Plant Variables   
 
For the ammonia synthesis process, the production rate target has to be met. Here the 
fixed throughput scenario is considered as in Araújo and Skogestad (2008). We assume that 
the ammonia produced from the plant has to undergo further purification to meet industrial 
grade ammonia purity specifications (usually 99.5 wt%). Therefore, there is no stringent 
purity criterion for the plant; on the other hand, the control structure of the plant aims to 
reduce the variations in the ammonia purity as far as possible. In summary, the control 
objectives of the plant are: (1) production rate of 70,954 kg/h (4184 kmol/h) is to be achieved 
at nominal conditions, and any change in throughput should be accomplished smoothly and 
quickly; and (2) reduced variations in product purity as far as possible. Furthermore, the 
Variable Araújo and Skogestad (2008) HYSYS Model 
Fpurge 43 kg/h 43 kg/h 
Fprod 70,957 kg/h 70,954 kg/h 
xNH3 (mass fraction) 0.970 0.9661 
Ffeed 71,000 kg/h 71,000 kg/h 
Fsteam 36,480 kg/h 39,088 kg/h 
Wfeed 19,799 kW 19,776 kW 
Wrec 2,717 kW 2,664 kW 
Split fraction to BED1 0.230 0.230 
Split fraction to BED2 0.139 0.139 
Split fraction to BED3 0.127 0.127 
Profit/annum (assuming 8000 
hours of operation/year) 
62,445 k$ 62,376 k$ 
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major operational constraints of the process are (1) Pin ≤ 250 bars due to equipment 








8218 kmol/h 17°C 25.1 bar
74.5% H2 24.9% N2 










40974 kmol/h 235°C  206 bar 
13.8 % ammonia
52.4% H2 28.4% N2
Inter-stage cooling to BED2





Split fraction = 0.23
Split fraction = 0.139
Split fraction = 0.127
36948 kmol/h 297°C  199 bar 
26.2% ammonia
41.7% H2 26.0% N2





                      Product
4184 kmol/h 36°C 191 bar








Figure 2.1: Steady-state flowsheet of the ammonia synthesis process  
 
Level 1.2: Determine Control Degrees of Freedom (CDOF). Araújo and Skogestad 
(2008) reported steady-state degrees of freedom of 9 as streams with dynamic effects only 
were not considered. The overall CDOF, taking into consideration streams with dynamic 
effects, is determined to be 14 using the restraining number method of Konda et al. (2006). 
Level 2.1: Identify and Analyze Plant-Wide Disturbances. An understanding of the 
possible disturbances in the process and their propagation throughout the plant can have 
considerable influence on the control structure design and controller tuning. The steady-state 
model of ammonia synthesis process is perturbed by introducing various disturbances listed 
in Table 2.2. Flow rate and feed composition disturbances (D1 and D4), cooling water 
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temperature disturbance (D5) and feed power disturbance (D6) are the same as those 
considered by Araújo and Skogestad (2008). In this study, we have considered more 
throughput disturbances (D2 and D3) as decrease in throughput is also a common disturbance 
in process plants. The effects of the disturbances in different parts of the plant are analyzed 
using the steady-state simulation model in Aspen HYSYS.  
From the disturbance analysis, it is observed that regardless of the nature of the 
disturbance, changes in product purity are small, the percentage change in product flow rate 
is proportional to the change in feed flow rate, and so is the operating profit. Except flow rate 
changes in throughput, the other disturbances generally do not affect the operating profit; the 
same conclusion was drawn by Araújo and Skogestad (2008). Disturbances D1-D4 produce 
disproportionally large changes in the flow rate in the separation section and recycle stream. 
Appropriate control synthesis decisions should be taken in later stages of IFSH procedure, 
considering these effects of expected disturbances. 
Level 2.2: Set Performance and Tuning Criteria. In this preliminary stage of the 
procedure, settling time is chosen as a simple and convenient measure. For the ammonia 
synthesis plant, it is evident from the disturbance analysis in the previous step, that 
disturbances in the feed flow rate and composition produce disproportionally large changes in 
the flow rate to the flash and recycle stream. Therefore, the control loops associated with 
these parts should be more loosely tuned. 
Level 3.1: Production Rate Manipulator Selection. This level involves the 
identification of primary process path from the main raw material to the main product. Both 
explicit variables (fixed-feed followed by on-demand options) and implicit variables (such as 
reactor operating conditions) can be chosen as the throughput manipulator (TPM) though 
implicit variables on the primary process path are preferred. The process variable with the 
maximum steady-state gain to production rate will be the first choice for TPM. For the 
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ammonia synthesis process, there is only one feed stream, which is a mixture of both 
reactants. Therefore, identification of the primary process path is trivial. Implicit variables 
such as reactor temperature have been fixed by optimization (i.e. split ratio of the reactor feed 
to different beds determines the inlet temperature of each bed, and the split ratios are 
optimization decisions). Therefore, the second best alternative of fresh feed (a mixture of 
nitrogen and hydrogen) flow rate is chosen as the TPM (FC1 in Figure 2.3A). 
 
Table 2.2: Expected Disturbances in the Ammonia Synthesis Plant  
Disturbance Description 
D1 +5% mass flow rate in throughput 
D2 -5% mass flow rate in throughput 
D3 -10% mass flow rate in throughput 
D4 Mole fraction of CH4 in the feed increases by 0.001 from 
0.003 (and hydrogen mole fraction is decreased by the same amount) 
D5 Cooling water temperature in HX4 increase 5°C 
D6 Feed Compressor power +5% 
 
Level 3.2: Product Quality Manipulator Selection. Product quality is the most 
important controlled variable for the whole plant. The product quality manipulator, usually 
local to the separation section, is selected in this level by means of mathematical measures 
such as relative gain array (RGA). For the ammonia synthesis process, the separation section 
consists of one single adiabatic flash separator, which limits the degree of control one can 
have over the purity of the main product. As discussed in Level 1.1, the product from the 
plant has to be further refined to meet industrial grade purity specifications for ammonia. 
Therefore, in the plant under consideration, it is not necessary to keep the ammonia product 
purity exactly at the set-point. However, certain degree of control to minimize purity 
variation is desirable.  
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It is identified that only the temperature and pressure of the flash separator can 
influence the product quality. From the steady-state simulation model, it is observed that 
pressure has a larger steady-state gain on the product purity. Furthermore, composition loop 
is a slow-responding loop; therefore, manipulated variable should be local to the unit 
producing the product. It is not possible to find a suitable manipulated variable to change the 
temperature of the flash separator in the ammonia synthesis process. Hence, to exert certain 
degree of control to minimize purity deviation, the flash pressure is chosen as the 
manipulated variable. One option is to implement composition loop as a cascade control in 
which the pressure controller receives remote set-point from the composition analyzer. 
However, a cascade of compositon and pressure control loops is slow-responding. Therefore, 
its effectiveness is not known until tested in dynamic simulation. Another possibility is to 
simply control the pressure of the flash (Figure 2.3A, PC1). This yields two choices for 
composition control: one with cascade loop (Option 1) and another with just pressure loop 
(Option 2).  It is found later via dynamic simulation of the entire process that Option 1 gives 
much slower response; and is therefore ruled out. Option 2 is adopted for controlling the 
product purity.                         
Level 4.1: Selection of Manipulators for More Severe Controlled Variables. The 
control of important process constraints such as equipment constraints, environmental and 
safety concerns is dealt with in this step. The important constraints for the ammonia synthesis 
process are: (1) Pin ≤ 250 bars due to equipment constraints, and (2) Tin ≥ 300°C due to 
reaction kinetics considerations. From the disturbance analysis in Level 2.1, it is observed 
that, even in the worst case of disturbances, the inlet pressure to reactor bed 1, Pin never 
comes close to the upper limit. Therefore (1) is an inactive constraint in this process. 
Kinetics limit the lowest useful reactor temperature to 300°C. Furthermore, Morud 
and Skogestad (1998), using a rigorous model of the reactor section, have shown that 
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fluctuations in the inlet temperature of the first reactor bed may lead to sustained oscillations 
in the reactor output. So, it is recommended to control the temperature of the reactor inlet 
stream. A temperature controller is installed at the inlet of BED1 with the flow rate of the 
stream fed to the FEHE as the manipulated variable (TC1 in Figure 2.3A). For the second and 
third reactor beds, inlet temperatures can be controlled in the same manner by cold shot 
injection; alternatively, ratio controllers can be used to maintain the second and third split 
ratios at their nominal setpoints. It is observed by means of dynamic simulations that, when 
the inlet temperature of the first bed is controlled and simple ratio controllers are used for the 
second and third beds, the temperature fluctuations to the second and third beds are within 
2°C. Using temperature controllers for the second and third beds, on the other hand, 
maintains the temperature and conversion better and gives faster dynamic response. 
Therefore, the temperatures to all three reactor beds are controlled by cold shot injection. 
Level 4.2: Selection of Manipulators for Less Severe Controlled Variables. As 
level loops are integrating, it is necessary to control all level loops in the process before 
considering other loops; otherwise, the process will become unstable. For the ammonia 
synthesis process, the liquid level in the flash separator is controlled by manipulating the 
liquid product flow at the bottom (LC in Figure 2.3A).  
To decide the most suitable locations for pressure control loops, the dynamic 
simulation is used after installing level loops. The synthesis reactors have very high pressure 
of the order of 200 bars. It is observed that, without appropriate pressure control, the pressure 
in the reactors gradually decrease from the optimal operating point. Therefore, it is 
recommended to control pressure somewhere in the plant. There are no general guidelines of 
where the best pressure control locations would be. Therefore, dynamic simulation provides 
us with a useful tool to design pressure loops. Pressure controllers can be installed in several 
locations, i.e., at the flash outlet (which also implicitly takes care of the composition) and/or 
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in the reactor outlets. Dynamic profiles can be plotted to investigate which locations are the 
best. It is found that pressure control at the flash outlet is sufficient to maintain the desired 
pressure throughout the whole plant. 
Level 5: Control of Unit Operations. Control of individual units is considered in this 
level prior to the component material balances in order to make the analysis in the next level 
easier. The major loops considered in this level are composition loops and temperature loops, 
as level and pressure loops have been mostly taken care of in the previous steps. One has to 
make sure that control of the individual units is consistent with PWC objectives. For 
example, product quality control is a plant-wide objective, and the manipulated variable for 
this purpose is often selected based on RGA. Subsequently, this manipulated variable cannot 
be used in other unit control loops. The control of most common process units is well 
established (Luyben et al., 1998), and they can serve as guidelines for designing unit control 
structure.To judge whether unit control is adequate, one can investigate whether unti-wise 
inventory is regulated and whether all CDOFs of the unit have been utilized. Unit-wise 
absolute accumulation can help to judge whether unit-wise inventory is well regulated. 
Inventory of each unit has to be regulated locally without the need to rely on control loops 
outside the unit (Aske and Skogestad, 2009). Equation (5) below is used to compute the 
accumulation. Reaction stoichiometry is used to assess the generation and consumption of all 
chemical species, and accumulation tables can be prepared in Aspen HYSYS to check 
whether the accumulation of a component in the entire plant or individual unit tends toward 
zero.  
                                                      ……...(2.5) 
Major units of the ammonia synthesis flowsheet include the reactor section and flash 
separator section. With cold shot injections in the three reactor beds, temperature control of 
the reactor section is sufficient and no additional loops are added. In the flash separator, 
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ammonia composition in the product is implicitly maintained by the flash pressure. 
Furthermore, controlling flash temperature is not possible as cooling water flowrate is fixed 
at its maximum. Therefore, no additional loops are added for the flash separator either. The 
unit-wise accumulation of these units indicated that they are well-regulated.  
Level 6: Check Material Component Balances. While unit-wise inventory 
regulation is assured in the previous level, it is not always guaranteed that the plant-wide 
inventory will be regulated. Therefore, this level focuses on material balances of the entire 
plant. Guidelines regarding inventory control of the entire plant are available in the literature 
(Luyben et al., 1998; Price and Georgakis, 1993; Aske and Skogestad, 2009). When the 
feasibility of an inventory control system is not evident, simulation provides a useful tool to 
investigate a proposed inventory control structure. 
In the IFSH procedure, the recycle loop is only closed in the next level (level 7). As 
shown in Figure 2.2, the processes with and without recycle have the same conditions for 
stream 1. However, in the process without recycle, the disturbances which manifest in stream 
2 will not back-propagate. Konda et al.(2005)
 
observed that there is an inherent interlink 
between component inventory regulation and introduction of recycles, and concluded that it 
is easier to analyze them in consecutive steps. Therefore, in the normal IFSH procedure, the 
current level is completed without closing the recycle loop. 
However, in the present study, the recycle loop is closed at this level instead of level 7 
due to the special process topology and significant effect of material integration. The fresh 
feed, instead of being mixed with recycle stream and fed into the reaction section, is fed 
directly to the flash separator (Figure 2.1). The vapor outlet of the separator is then fed into 
the reactor section. It is necessary and desirable to consider the effect of integration 
simultaneously when analyzing the accumulation profile at this stage.  
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Purge flow rate is controlled in order to regulate the inventory of inert material in the 
process. The ratio of purge to recycle flow rate is controlled (ratio in Figure 2.3A). 
Accumulation tables for overall accumulation of each component are prepared in Aspen 
HYSYS. With the anticipated dynamic disturbances such as feed flow rate and composition 
introduced, it is observed that the inventory of the plant is regulated. For the feed 
composition disturbance considered, this simple ratio control is found to be sufficient to 




Figure 2.2: Schematic showing the process with and without recycle 
Level 7: Investigate the Effects due to Integration. Comparison of the process with 
and without the recycle loop closed shows that closing the recycle loop increases the 
accumulation and settling time while conversion in each reactor bed remains unchanged. 
Recall that the inventories are already properly accounted for in level 6 with the recycle loop 
closed. Hence, no additional loops are implemented at this stage. 
Level 8: Enhance Control System Performance with the Remaining CDOF. The 
design engineer can make use of the remaining CDOF to further enhance the control structure 
if possible. For the ammonia synthesis process, no additional loops are implemented. 
All the levels in IFSH have been completed so far, and the resulting two alternative 
control structures are presented in Figures 3A and 3B. Flow and level controller tuning are 
based on standard guidelines (Luyben, 2002). Temperature and ratio controllers are first 
tuned using the built-in auto-tuner in Aspen HYSYS, and then fine-tuned to give satisfactory 








1 2 2 
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tuning procedure is used for both SOC and IFSH control structures, i.e. HYSYS autotuner is 
used followed by further fine-tuning if necessary, for stable performance. This is to avoid 
biases in the dynamic performance evaluation. The designed control system is able to 
maintain the PVs at the respective specified SPs except for level loop (since level controllers 
have proportional control only), with the control valves approximately 50% open when 
steady-state is attained in the dynamic simulator. Ideally, the controllers should be at 50% 
open at nominal steady state conditions; however, some pressure variations are common in 
the dynamic simulation and the control valves cannot be maintained at exactly 50%. The 
small deviation in control valve opening will not affect the dynamic performance. The 
simulation model after 200 minutes is used as the base-case for dynamic performance 
assessment in the next section.  
 







τI (min) Set Point 
FC1 Feed flow rate Opening of valve V1 0.5 0.3 71000kg/h 
Ratio Purge to recycle 
ratio 
Opening of valve V4 0.0944 0.00142 Remote 
LC Flash liquid level Opening of valve V2 2 - 50% 
TC1 First reactor bed 
inlet temperature 
Opening of valve V6 0.575 0.0364 302.55°C 
TC2 Second reactor bed 
inlet temperature 
Opening of valve V7 0.401 0.0463 415.52°C 
TC3 Third reator bed 
inlet temperature 
Opening of valve V8 0.726 0.0208 419.93°C 
PC1 Flash vessel 
pressure 
Opening of valve V3 2 10 19670kPa 
 
2.5       Assessment of Control Structures from IFSH and SOC 
Different PWC methodologies have different control objectives. The objective of 
SOC is to find the set of controlled variables that gives near-optimal operation based on 
steady-state analysis, and SOC methodology for control system design is based on this. The 
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objective of Luyben’s methodology and integrated framework is to design a control system 
that achieves throughput and quality specifications with reasonable dynamic performance. 
Therefore, control structures resulting from different methodologies may not be directly 
comparable based on any single criterion. A matrix of performance measures should be 
adopted in order to compare alternative control structures as fairly as possible. Vasudevan 
and Rangaiah (2010) have proposed several dynamic performance assessment measures that 
are useful for plant-wide systems, some of which are adopted here. Economic criteria such as 
deviation from production target (DPT) are considered by Vasudevan and Rangaiah
 
(2010); 
however, their focus was on capturing transient behaviour, and final steady-state economic 
evaluation was not considered. In the current work, final steady state profit following a 
disturbance is also considered as a performance assessment for the ammonia synthesis 
process. Thus, the performance measures considered in this work are as follows.   
Settling Time: For a single control loop, settling time is defined as the time required 
for the process output to reach and remain within ±5% of the step change in the process 
variable (Seborg et al., 2004). However, in the plant-wide context with many control loops, 
there are several criteria to define settling time for an entire plant: (i) settling time of 
production rate or product quality since these are normally the most important control 
objectives of a plant, (ii) settling time of the slowest loop (which is usually one of the 
composition loops), and (iii) settling time of the overall absolute accumulation of all 
components defined: 
                                                                                  
............................................................................................................................................................(2.6) 
 
Dynamic Disturbance Sensitivity (DDS): Konda and Rangaiah (2006)
 
have identified 
that the overall control system performance and component accumulation are strongly 
correlated. The process reaches steady state only when the overall accumulation in the system 
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becomes zero. The accumulation profile can thus capture the effect of disturbances. 
Therefore, Konda and Rangaiah
24
 (2006) concluded that the integral of overall accumulation 
can serve as a better measure to gauge the impact of disturbances on the process, and this 
performance measure is referred to as DDS: 
                                                     
  
   
  .............................(2.7) 
 
Deviation from the Production Target (DPT): The deviation from the production 
target is used to quatify economic performance of the plant during the transient period: 





Final Steady State Profit: The profit after the plant attains final steady-state following 
a disturbance is an important economic measure. Profit per unit production rate is considered 
here for fair comparison as throughput may differ in each case. 
 
2.5.1 IFSH and SOC Control Systems. The complete control systems obtained by 
applying IFSH and SOC are shown in Figures 2.3A and 2.3B respectively. Several loops in 
both these systems are identical whereas others are different, which are identified in Figure 
2.3A by stars. The SOC control structure is taken from Araujo and Skogestad (2008). For the 
ammonia process, the regulatory layer consists of all the controllers shown in Figure 2.3B, 
and the supervisory layer consists of feed compressor power, recycle compressor power and 
purge flow rate (which is already a manipulated variable), and so no additional loops are 
implemented in the supervisory layer.   
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Figure 2.3A: IFSH control system developed using integrated framework  
 


































Figure 2.3B:  SOC control system developed using self-optimizing procedure 
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Both IFSH and SOC control structures are implemented in the dynamic mode of 
Aspen HYSYS. Each of the anticipated disturbances in Table 2 is introduced in the plant with 
each of the control structures, and the dynamic simulation time is set to be sufficient for all 
variables to come to a new steady state. As mentioned earlier, dynamic disturbances 
considered by Araújo and Skogestad (2008) are also considered here; in addition, more 
throughput disturbances are considered (-5% and -10%) as decrease in production rate is also 
commonly seen in process plants. 
2.5.2 Results and Discussion. The different performance measures for each control 
structure are computed and summarized in Tables 2.4A to 2.4C. Both IFSH and SOC control 
structures are assessed based on two aspects: dynamic performance and steady-state profit. 
As shown in Table 2.4A, both control stuctures are able to stabilize the process in the 
presence of disturbances within reasonable time. Based on material accumulation, IFSH 
settles faster than SOC for four of the disturbances. At the same time, the DDS of IFSH is 
smaller in all cases. As can be seen from Figures 2.3A and 2.3B, the major difference 
between the SOC and IFSH control structures is the pressure regulation. In the regulatory 
layer of SOC, Araújo and Skogestad (2008) observed that allowing pressure of the system to 
fluctuate will not cause the ammonia synthesis process to drift far away from the nominal 
operating condition, and so pressure loops are omitted. However, the inclusion of a pressure 
loop in IFSH allows the inventory to be regulated better, as shown by smaller DDS values for 
IFSH in Table 2.4A. (The pressure profiles at the inlet to reactors are shown later in Figure 
2.6 for both IFSH and SOC. Pressure fluctuations are regulated better by IFSH.) Profiles in 
Figure 2.4 demonstrate the different dynamic behaviour of the two control systems; material 
accumulation in IFSH is smaller in magnitude in general. This confirms that pressure loops 
improves performance in gas-phase systems, especially when the pressure is high. 
Furthermore, pressure control also allows the plant to be switched back to the nominal 
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operating condition quickly. Figure 2.5 shows the final steady-state profit in case of IFSH and 
SOC. SOC, having the objective of maximizing steady-state profit in the control structure 
synthesis, performs marginally better than IFSH. 
Deviation from production target (DPT) is shown in Table 2.4B. DPT gives an 
indication of under- or over-production compared to the (new) target during the transient 
state. A smaller magnitude of DPT indicates smoother transition of plant operation. In the 
case of production rate disturbances, a smaller magnitude of DPT is desired as plant 
management wishes to attain the new production target as quickly and smoothly as possible, 
since both over- and under-production are undesirable (the plant might not be able to sell the 
over-produced product; on the other hand, under-production means a loss in profit). Results 
in Table 4B show that IFSH has smaller DPT in all cases.  
Disturbance occurrences may not be frequent and so transient period may be 
relatively shorter compared to the total hours of plant operation. Therefore, final steady-state 
profit after a disturbance occurs is equally important. As shown in Table 2.4C, SOC gives 
marginally better (~ 0.5%) steady-state profit than IFSH. This is expected as the aim of SOC 
control structure is to give near-optimal operation in the presence of disturbances as well. 
Taking the average difference in profit per unit production ($0.48 per ton of product), this 
amounts to about $272,640 per year for a production rate of 71 tons/h and 8000 hours of 
operation. 
The results in Tables 4A to 4C show the differences in dynamic performance and 
steady-state economic performance of PWC systems from two different methodologies. IFSH 
control structure is faster settling with better inventory regulation and better management of 
production rate while SOC gives better steady-state economic performance.The final 
selection of one of these will then depend on the aim, frequency of disturbances and 
preference of the control engineer 
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Table 2.4A: Assessment of Control Systems: Dynamic Performance 











SOC IFSH SOC IFSH SOC IFSH 
D1 Production Rate +5% 83 170 128 161 312.9 201.3 
D2 -5% 191 111 279 105 456.8 173.4 
D3 -10% 685 112 695 108 1720.0 339.9 
D4 Feed Composition CH4 +0.001 361 70 426 71 482.4 38.7 
D5 Temperature of 
Cooling Water (HX4) 
+5°C 90 612 114 587 564.8 531.3 
D6 Feed Compressor 
Power  
+5% 94 107 110 96 203.4 85.5 
Total for All the Above Disturbances 1504 1182 1752 1128 3740.3 1370.1 
 
Table 2.4B: Assessment of Control Systems: Deviation from Production Target  
No. Disturbance Magnitude 
DPT (kg) 
SOC IFSH 
D1 Production Rate +5% 2869 -1205 
D2 -5% -4450 1290 
D3 -10% -21160 2490 
D4 Feed Composition CH4 +0.001 3374 293 
D5 Temperature of Cooling Water (HX4) +5°C 6222 3022 
D6 Feed Compressor Power +5% 2370 353 
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Table 2.4C: Assessment of Control Systems: Steady-State Profit 
No. Disturbance Magnitude 
Final Steady-State Profit 
per Unit Production ($/ton) 
SOC IFSH 
D1 Production Rate +5% 111.24 110.90 
D2 -5% 110.50 110.25 
D3 -10% 110.58 109.79 
D4 Feed Composition CH4 + 0.001 110.45 109.96 
D5 Temperature of Cooling 
Water (HX4) 
+5°C 110.74 110.23 
D6 Feed Compressor Power +5% 110.50 110.00 




Figure 2.4: Material accumulation profile of both control structures for different disturbances 
 















Figure 2.6: Profile of reactor inlet pressure for both control structures for different 
disturbances 
2.6       Summary 
The ammonia synthesis process is simulated in Aspen HYSYS and used as an 
example for applying IFSH methodology and comparative PWC studies. The integrated 
framework methodology is applied to design a complete control structure for the whole plant. 
The control system is then compared to the SOC design using various performance measures. 
It is found that both control systems give satisfactory response; while IFSH performs better in 
terms of control and management of production rate during the transient period, SOC gives 
higher steady-state profit. 
Time (mins) 





Design and Control of a Biodiesel Plant: Base Case 
3.1       Introduction 
Fossil fuels such as petroleum and coal have been major energy sources in the world. 
However, their non-renewable nature and diminishing reserves, as well as the negative 
environmental impact, make them unfavourable energy sources for the future. Therefore, 
energy from renewable resources, particularly biomass, has gained importance in the recent 
years. Biodiesel, bioethanol and biogas are some examples of promising renewable energy 
sources. Biodiesel, comprising of fatty acid methyl ester (FAME) derived from vegetable oils 
and animal fats, has physiochemical properties similar to those of diesel produced from 
petroleum. Biodiesel or its blends can be used in conventional diesel engines with no or 
minimal modification (Ramadhas, 2009). It has many environmental advantages over diesel 
fuel such as a higher Cetane number, no aromatics or sulphur compounds, and burns more 
cleanly with reduced emission of carbon dioxide, carbon monoxide, hydrocarbons and 
particulate in the exhaust gas (Ramadhas, 2009).  
The common approach to produce biodiesel is by transesterification of triglycerides 
(which are the main components of vegetable oil) with short-chain alcohol (usually, 
methanol), which yields FAMEs with glycerol as a by-product. The transesterification 
reaction is reversible, and can be catalysed by both homogeneous and heterogeneous alkali 
and acid catalysts as well as enzymes (Ramadhas, 2009); alternately, a non-catalytic route 
using supercritical methanol (Kusdiana and Saka, 2001) can be used. Past studies on the 




transesterification process have focused on techno-economic analysis of different 
transesterification methods (Zhang et al., 2003; Haas et al., 2006; West et al., 2008; Myint 
and El-Halwagi, 2009; Apostolakou et al., 2009; Santana et al., 2010). The price of the feed 
oil has been shown to be the single greatest contributor to the production cost (Zhang et al., 
2003; Haas et al., 2006; Myint and El-Halwagi, 2009). Zhang et al. (2003) favoured the acid-
catalysed process, and West et al. (2008) also concluded that heterogeneous acid catalysed 
transesterification process is the most economical for after tax rate-of-return, assuming waste 
cooking oil as the feed. Other researchers investigated the development of kinetics for the 
transesterification reaction (Freedman et al., 1986; Nourreddini and Zhu, 1997; Kusdiana and 
Saka, 2001; Vicente et al., 2005; Singh and Fernando, 2007; Jain and Sharma, 2010) and 
development of heterogeneous catalysts (Sharma et al., 2011). 
Currently, the most common process used in industrial production of biodiesel is the 
homogeneous alkali-catalysed transesterification with methanol (Zhang et al., 2003; Nazir et 
al., 2009). It is preferred over the acid-catalysed and super-critical routes because the reaction 
is faster and requires smaller methanol-oil ratio (Freedman et al., 1986) under mild operating 
conditions, i.e., high temperature or high pressure is not required. Although alkali-catalysed 
route is widely adopted, it has the disadvantage of low tolerance of water and free fatty acid 
(FFA) in the feed. Therefore, if the feed contains higher levels of water and FFA than the 
maximum tolerance level, a pre-treatment section is required to remove them. Although 
transesterification catalysed by acidic heterogeneous catalysts has the potential to improve 
the economics of the process (Zhang et al, 2003; West et al. ,2008), this requires the 
development of an efficient and reliable catalyst and establishment of kinetics and operating 
parameters. For the alkali-catalysed transesterification process, there is scope for alternative 
process designs. Researchers have used different separation sequences. Myint and El-
Halwagi (2009) have analysed these alternative sequences in detail. Different unit operations 




have been employed. For example, phase separation between biodiesel and glycerol can be 
achieved by a centrifuge separator (Apostolakou et al. 2009) or a decanter (Myint and El-
Halwagi, 2009). 
While the production of biodiesel via transesterification has been actively studied, 
control studies of this process, especially from the plant-wide perspective, are absent. The 
purpose of this chapter is to design a biodiesel plant and to propose a complete plant-wide 
control (PWC) structure using an established methodology with validation by dynamic 
simulation. For this chapter, integrated framework of simulation and heuristics (IFSH) is 
adopted, as it reaps the benefit of both heuristics and rigorous non-linear process simulators. 
The rest of the chapter is organised as follows. Steady-state plant design and 
simulation details are presented in Section 3.2, and the details of the optimization are 
presented in Section 3.3. After the steady-state flow sheet is developed and optimized, a 
suitable plant-wide control methodology is applied to develop the control structure. The 
design of the control structure is discussed in Section 3.4, and the results of validation are 
presented in Section 3.5. 
3.2       Process Design of a Biodiesel Plant   
3.2.1    Feed and Product Specifications 
The feed to a biodiesel plant can be either purified vegetable oil or waste cooking oil. 
Waste cooking oil contains a high level of water and FFA. Therefore, it is not suitable for 
alkaline-catalysed transesterification unless refined by pre-treatment. In this study, the feed 
oil is assumed to be pure vegetable oil. Methanol is used for transesterification due to its low 
price and availability. In a real biodiesel plant, if waste cooking oil is used as the feed, a pre-
treatment is required to purify the feed. 




For biodiesel to be accepted for use in diesel engines, its properties and performance 
have to meet the standard that consumers expect of conventional diesel. A single, universally 
accepted standard for biodiesel is not available (Hanna and Isom, 2009). Common biodiesel 
standards include the ASTM D6751 in the United States and the EN14214 in the European 
Union. In this study, the latter is used for product specifications. The details of the EN14214 
standard are listed in Table 1. The glycerol by-product is assumed to be refined to 
pharmaceutical grade (99 wt %) because of its higher price. The throughput is based on a 
typical biodiesel plant capacity, i.e., approximately 200,000 tonnes/annum. 
Table 3.1: Biodiesel Specification as per European Standard EN14214 
Ester content ≥ 96.5 wt% 
Methanol ≤ 0.2 wt% 
Water ≤ 500 mg/kg 
Monoglyceride ≤ 0.8wt% 
Diglyceride ≤ 0.2wt% 
Triglyceride ≤ 0.2 wt% 
Glycerol ≤ 0.25 wt% 
 
3.2.2    Reaction Section 
Kinetics of the homogeneous alkali-catalysed transesterification has been well studied 
(Freedman et al., 1986; Nourreddini and Zhu, 1997). The transesterification reaction is 
assumed to follow 3-step second-order reversible reaction shown in Equations (3.1) to (3.3). 





                                                         (3.1) 





                                                         (3.2) 





                                                         (3.3) 




where TG, DG, MG and GL refer to tri-glyceride, di-glyceride, mono-glyceride and glycerol 
respectively. The kinetics from Noureddini and Zhu (1997) are adopted for the present study. 
Reaction rate constants and activation energies based on the Arrhenius equation (k = Ae 
–E/RT
) 
are listed in Table 3.2; these data are for mixing intensity of NRe (Reynolds number) = 6200. 
Sodium hydroxide (catalyst) concentration in the methanol feed stream is taken as 0.907 
wt%. Note that activation energies for reaction 3 are negative (see Table 3.2), as the rate of 
reaction decreases with increasing temperature. 
Table 3.2: Reaction Rate Constants and Activation Energies for Transesterification 
Reactions (Noureddini and Zhu, 1997) 
Reaction Activation Energy 
(cal/mol) 
Rate Constant 
(L/mol·min) at 50°C 
Frequency Factor  
TG → DG 13145 k1 = 0.050 2.38  10
9
 
DG → TG 9932 k2 = 0.110 3.50 10
7
 
DG → MG 19860 k3 = 0.215 3.61 10
14
 
MG→ DG 14639 k4 = 1.228 6.01 10
11
 
MG→ GL -6421 k5 = 0.242 6.53 10
-4
 




Due to the reversible nature of the reaction, it is desirable to have an optimized design 
of the reactors to maximize the conversion. As unconverted tri, di and mono-glycerides are 
likely to end up in the final biodiesel product, it is imperative to have a very high conversion 
in order to meet the product specifications in Table 3.1. To achieve this, one can use excess 
methanol and separate the two products whenever possible to reduce the extent of backward 
reaction. Nourreddini and Zhu (1997) have used a methanol-to-oil ratio of 6:1. Separation of 
the two products (FAME and glycerol) is easy to achieve as they are immiscible.  
However, majority of previous studies assumed a single reactor without any phase 
separation (Zhang et al., 2003; West et al., 2008). In these studies, the reactor effluent 
consists of both the products, un-reacted glycerides and excess methanol, and phase 
separation did not take place until later in the separation train. It is desirable to have 
intermediate phase-separation to maximize conversion of oil and reduce the reactor size. 




Hence, the reactor section is designed with an intermediate phase-separation step between 
two consecutive reactors. The effluent from the first/previous reactor is separated into a 
glycerol-rich phase and a FAME-rich phase (which also contains un-reacted tri-, di- and 
mono-glycerides), and the latter is fed into subsequent reactors to further react with methanol. 
The phase separation can be achieved by a gravity-settler, a centrifuge or a hydrocyclone. 
This configuration is similar to that used industrially by Lurgi (2010). The flow sheet of this 
configuration is shown in Figure 3.2. 
 
3.2.3     Separation Section 
The major steps in the separation train are methanol recovery, separation of biodiesel 
and glycerol, biodiesel purification and glycerol purification. Myint and El-Halwagi (2009) 
summarized four different separation sequences, assuming no phase-separation in the 
reaction section.  
1. Removal of methanol first followed by water washing in the presence of glycerol 
2. Removal of methanol first followed by removal of glycerol and then water washing 
3. Biodiesel and glycerol separation followed by water washing in the presence of 
methanol 
4. Biodiesel and glycerol separation followed by removal of methanol and water 
washing 































Figure 3.1: Decision tree for generating alternative purification configurations (Myint and 
El-Halwagi, 2009)  
 
West et al. (2008) have adopted Sequence 1. The reactor effluent (which contains 
FAME, glycerol, excess methanol and un-reacted oil) is fed directly to a distillation column, 
and methanol is drawn as the distillate and recycled to reactors. The bottom stream, a mixture 


































































stream and glycerol-rich stream undergo purification separately. There are some inadequacies 
in this design. For example, feeding the reactor effluent directly into a distillation column in 
the presence of catalyst may cause undesirable reverse reaction to occur and decrease FAME 
yield. The presence of both glycerol and methanol in the column may lead to three phases 
and operational problems in column operation. 
In both Haas et al. (2006) and Apostolakou (2009), the FAME-rich phase from the 
last reactor is water washed first, and the wash water is mixed with glycerol-rich phases from 
the phase separators. This mixed stream is then further purified to give methanol distillate 
(for recycle), water and crude glycerol. The presence of water in this distillation column 
results in considerable energy consumption as the heat of vaporization of water is significant. 
Further, any water present in the methanol recycle stream may lead to excessive 
saponification. 
  Myint and El-Halwagi (2009) recommended Sequence 4. To prevent backward 
reaction in the presence of catalyst, methanol is usually not removed from the stream until 
separation between FAME and glycerol is complete. The placement of water wash after 
methanol removal is advantageous, as no water can enter the reaction section and energy-
intensive methanol-water separation is avoided.  
In the process proposed in this paper, glycerol and FAME phase separation takes 
place in the reaction section (Figure 3.2). Each phase contains methanol. Thus, Sequence 4 is 
followed; methanol-glycerol separation and methanol-FAME separation take place before the 
FAME rich stream is water washed. Note that neutralization of alkali catalyst before water 
wash unit is important as it reduces the amount of wash water required and also the tendency 
of emulsion formation during the water-wash stage (Van Gerpen, 2005). The water-washed 
FAME should meet the specified limit of methanol, glycerol or salt (from neutralization), as 




these impurities will be dissolved in the wash water (Van Gerpen, 2005). The proposed 
biodiesel process along with important operating conditions is shown in Figure 3.2. 
 
3. 3      Steady- State Process Design and Optimization 
The proposed biodiesel process is simulated in Aspen HYSYS. In practice, feed 
triglyceride consists of side chains of different fatty acids; however, for simplicity, it is 
modelled as pure triolein. Correspondingly, the reaction intermediates (di-glyceride and 
mono-glyceride) are modelled as diolein and monoolein, respectively, while product FAME 
is modelled as methyl oleate. In HYSYS component database, diolein and monoolein are not 
available, but are available in Aspen Plus. Furthermore, properties of triolein defined in 
HYSYS and in Aspen Plus differ. Therefore, all the properties of triolein, diolein and 
monoolein are imported from Aspen Plus component database to HYSYS for consistency.  
Appropriate property package(s) should be chosen to represent the interaction 
between polar components, i.e., methanol and glycerol. Non-random two liquid (NRTL) and 
universal quasi-chemical (UNIQUAC) activity models can be used to predict liquid-liquid 
equilibria (LLE), with the missing binary interaction parameters estimated by appropriate 
UNIFAC method. While both these models predict the phase separation between methyl 
oleate and glycerol well, they give slightly different results for methanol distribution between 
the two phases. The difference in simulation results is also noted by Zhang et al (2003). In 
our simulations, it is observed that UNIQUAC model gives predictions closer to experimental 
LLE data reported by Zhou et al. (2006), Andreatta et al. (2008), França et al.
 
(2009) and 
Barreau et al. (2010), of the methanol-methyl oleate-glycerol system at the particular process 
conditions. França et al.
 
(2009) have also shown that their experimental results correlated 
satisfactorily with the UNIQUAC model. Therefore, UNIQUAC model is chosen as the 
property method for the simulation.  




The different routes of transesterification and downstream separation have been 
simulated in Aspen Plus or Aspen HYSYS in the past; however, there are some limitations. 
For example, Zhang et al. (2003), West et al. (2008), Haas et al. (2006) and Apostolakou et 
al. (2009) assumed some conversion in the reactor instead of using a rigorous reactor model, 
and phase separators are modelled as component splitters in Apostolakou et al. (2009). These 
assumptions can lead to inaccurate and incomplete results. Recently, Stiefel and Dassori 
(2009), Chang and Liu (2010) and Satana et al. (2010) have used rigorous kinetic reactor 
models for the transesterification reaction.  
In the present study, we simulate the unit operations with rigorous process models as 
far as possible, in order to obtain realistic results. Kinetics of Noureddini and Zhu (1997) in a 
continuous stirred tank reactor (CSTR) are adopted. The reactor-separator configuration is 
implemented, and three-phase separators are used between reactors. Temperature of the 
reactors is kept at 70°C, and the pressure at 4 bars to prevent vaporization of methanol. 
Higher temperature would in principle increase reaction rate. As kinetics of Nourreddini and 
Zhu (1997) is based on experiments at and below 70°C, higher temperatures are not used to 
ensure validity of the kinetics. Excess methanol is used; while previous studies reported that 
the optimal methanol-to-oil ratio is about 6, a higher ratio, namely, 9.32 is required in the 
present process in order to meet the stringent impurity criteria of EN14214. Three reactors in 
this configuration were found to give satisfactory biodiesel yield (99.8%) and also meet the 
product specifications. Saponification is assumed to be minimal as there is no free water 
entering the reaction section, and so it is not modelled in this process. 
Methanol is removed from the FAME-rich phase (stream 35 in Figure 3.2) and 
glycerol-phase (stream 36 in Figure 3.2) separately. The differences in the boiling points of 
methanol-glycerol and methanol-FAME pairs are considerable. However, it is observed that a 
simple flash drum is not able to achieve the desired degree of separation. Therefore, 




distillation columns are used, which are relatively small with low reflux ratios. The methanol 
distillates from both columns (Stream 32 and 41 on Figure 3.2) are nearly 100% methanol, as 
shown in Table 3.5. Important constraints in column operation are the decomposition 
temperature of glycerol (150°C) and FAME (250°C) (Myint and El-Halwagi, 2009). To 
ensure reboiler temperatures do not exceed these decomposition temperatures, vacuum 
columns are used. For methanol-FAME column (MF column, 5 theoretical stages), the 
condenser pressure is chosen as 50 kPa, while for methanol-glycerol column (MG Column, 
10 theoretical stages), the condenser pressure is taken as 8 kPa, which are the pressures at 
which decomposition temperatures are avoided. Air leakages for both vacuum columns are 
calculated based on correlations in Gomez (1988).  
The FAME stream from MF column is cooled in three heat exchangers (Figure 3.2), 
and then neutralized and water washed in a decanter to remove traces of methanol, glycerol 
and salt. As the conversion is high in the reactor section, un-reacted triolein is small and the 
resulting biodiesel after washing is able meet the EN14214 specifications without further 
purification. The complete flow sheet of the biodiesel plant is presented in Figure 3.2.  
After deciding upon the process flow sheet, design and operating conditions need to 
be optimized to minimize the cost. The unit production cost (i.e., per kg) of  biodiesel, taking 
into consideration the glycerol credit, is used as the objective function for this optimization.  
                                                                            
                                                                      
 
Here, C and F are respectively the cost and mass flow rate of the component/stream 
indicated by the suffix. Cost of using vacuum pumps for the two columns is calculated based 
on the estimated air leakage rate. Costs of raw materials, product and utilities are given in 
Table 3.3. 




Table 3.3: Cost of Raw Material, Utilities and Products*  
Cost of Raw Material/Product Cost of Utility 
Triolein (Oil) $780/MT Cooling Water (30-45°C) $0.354/GJ 
Methanol $280/MT Refrigerated Water (5-15°C) $4.43/GJ 
Caustic soda (NaOH) $750/MT LP Steam $13.28/GJ 
Hydrochloric Acid (37 wt%) $92/MT HP Steam $17.70/GJ 
Glycerol (99 wt%) $ 1150/MT Electricity $0.06/kWh 
  Process Water $0.067/MT 
  Waste water treatment $0.043/m
3
 
* Costs of raw material and products are from an industrial contact, and the utility costs are 
from Turton et al. (2010). 
The decision variables used for optimization are: volume of the three reactors, 
methanol split ratios to the three reactors, wash water flow rate, temperature of inlet biodiesel 
stream to neutralization tank and methanol recovery in MF Column. Product specifications as 
well as operational limits are considered as the constraints for optimization. The reboiler 
temperature of the columns should not exceed the decomposition temperature of FAME and 
glycerol respectively, i.e., 250°C and 150°C. Optimal tray locations for the two columns are 
found by finding the feed tray that minimises the reboiler duty. The optimal feed stage is 3 
(with condenser counted as stage 0?) for MF Column and 4 for MG Column. The methanol 
recovery in MG Column is adjusted such that the bottom glycerol purity is higher than 99 
wt% while the reboiler temperature does not exceed 150 °C. These optimal feed trays are 
found by manually adjusting feed tray locations in HYSYS to minimise reboiler duty.  
The optimization of the plant is carried out with the built-in optimizer of HYSYS. For 
a large and complex plant, the use of optimizer may be difficult. Therefore, manual change of 
the variables may be necessary to refine the results given by the optimizer. The optimized 
values of the variables are shown in Table 3.4. A more detailed summary of the conditions of 
important streams is shown in Table 3.5; streams in this table are all liquid streams. In Figure 
3.2, Streams 27 and 55 are air leakages to the vacuum columns, and Streams 11, 17 and 23 
are nitrogen inflow to pressurize the three reactors, and Streams 12, 18 and 24 are the outlet 
inert gas. The optimized cost to produce 1kg of biodiesel is $0.7062. 




Table 3.4: Values of Optimization Variables 
 CSTR1 CSTR2 CSTR3 
Volume (m
3
) 56.2 61.5 56.0 
Inlet Methanol Split ratio 0.9049 0.0939 0.0012 
Wash water flow rate 30 kmol/h (540.4 kg/h) 
Temperature of biodiesel inlet 
to neutralization tank 
76°C 
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Figure 3.2: Flow sheet of the homogeneous alkali-catalyzed biodiesel plant for the optimized case 
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Table 3.5: Summary of the Conditions of Important Streams for the Optimized Biodiesel Process Flow Sheet 








5 6 7 8 9 
Temperature (°C) 25.0 25.0 32.4 25.0 34.3 73.8 77.9 73.9 73.9 
Pressure (kPa) 600 600 540 320 400 400 430 400 400 
Mass Flow (kg/h) 2987 26200 171 541 9985 9985 26200 12 938 
Mole Flow (kmol/h) 93.21 29.59 7.73 30.00 311.10 311.10 29.59 0.37 29.21 
Mass Fraction 
Triolein - 1.0000 - - - - 1.0000 - - 
Diolein - - - - - - - - - 
Monoolein - - - - - - - - - 
Methanol 1.0000 - - - 0.9918 0.9918 - 0.9918 0.9918 
NaOH - - - - 0.0082 0.0082 - 0.0082 0.0082 
FAME - - - - - - - - - 
Glycerol - - - - - - - - - 
HCl - - 0.3700 - - - - - - 
Water - - 0.6300 1.0000 - - - - - 
Stream 10 13 15 16 19 21 22 25 26 
Temperature 73.9 70.0 70.0 70.0 70.0 70.0 70.0 60.3 70.2 
Pressure 400 100 100 100 100 100 100 51 8 
Mass Flow  9036 35220 31480 3739 32410 31890 515 31800 4254 
Mole Flow 281.50 310.70 242.80 67.93 271.50 261.50 10.00 261.40 77.90 
Mass Fraction 
Triolein - 0.0391 0.0438 - 0.0046 0.0047 - 0.0007 - 
Diolein - 0.0235 0.0262 0.0007 0.0033 0.0034 - 0.0005 - 
Monoolein - 0.0080 0.0089 - 0.0010 0.0010 - 0.0001 - 
Methanol 0.9918 0.1807 0.1596 0.3579 0.1762 0.1723 0.4174 0.1714 0.3651 
NaOH 0.0082 0.0021 0.0020 0.0030 0.0022 0.0022 0.0033 0.0022 0.0031 
FAME - 0.6789 0.7594 0.0016 0.8033 0.8162 0.0026 0.8239 0.0017 
Glycerol - 0.0678 0.0002 0.6369 0.0094 0.0002 0.5766 0.0013 0.6296 
HCl - - - - - - - - - 



























Temperature 10.2 131.4 45.7 238.2 76.0 69.1 69.4 69.2 38.4 
Pressure 8 9 50 52 540 100 101 101 600 
Mass Flow  1510 2704 5410 26370 26370 27160 26330 823 6920 
Mole Flow 47.12 29.81 168.80 91.11 91.11 129.30 89.75 39.44 216.00 
Mass Fraction 
Triolein - - - 0.0008 0.0008 0.0008 0.0008 - - 
Diolein - - - 0.0006 0.0006 0.0006 0.0003 0.0110 - 
Monoolein - - - 0.0002 0.0002 0.0002 0.0002 - - 
Methanol 1.0000 0.0048 1.0000 0.0009 0.0009 0.0009 0.0009 0.0029 1.0000 
NaOH - 0.0048 - 0.0026 0.0026 - - - - 
FAME - 0.0001 - 0.9964 0.9964 0.9674 0.9976 0.0003 - 
Glycerol - 0.9904 - - - 0.0015 - 0.0496 - 
HCl - - - - - - - - - 
Water - - - - - 0.0250 0.0003 0.8137 - 
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3.4      Control Structure Synthesis  
The IFSH methodology of Konda et al. (2005) is used to design the PWC system. 
This tiered methodology decomposes the PWC problem into several tasks at different levels 
based on a vertical hierarchy of priorities. Rigorous steady-state and dynamic simulations aid 
control decisions, especially when it is difficult to use heuristics. Control decisions based on 
heuristics are validated via dynamic simulations. The step-by-step application of IFSH to the 
biodiesel plant is presented below.  
Level 1.1: Define PWC Objectives. First and foremost, the control objectives should 
be formulated since different control objectives may yield different control structures. The 
PWC objectives typically consist of product quality and production rate specifications, plant 
stability, safety and environmental requirements. For the biodiesel process, the control 
objectives of the plant are: (1) production rate of 89.75 mol/h (approximately 26,330 kg/h or 
210,640 tonnes/annum) is to be achieved at nominal conditions, and any change in 
throughput should be accomplished smoothly and quickly, (2) meet purity requirements for 
biodiesel (standard EN 14214) and glycerol (99 wt%), while satisfying operational 
constraints of maintaining reboiler temperature of biodiesel-methanol separation column (MF 
Column) and glycerol-methanol separation column (MG Column) below 250°C and 150°C, 
respectively, to prevent product decomposition, and (3) to maintain feed methanol-to-oil ratio 
and methanol split ratios.  
Level 1.2: Determine Control Degrees of Freedom (CDOF). The overall CDOF, is 
determined to be 44 using the restraining method of Konda et al (2006). There are 55 material 
streams in total (indicated in Figure 3.2) and 9 energy streams. The sum of restraining 
numbers for all the units in the plant is 14 (see Table 3.6), and there are 6 redundant process 
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variables in both the columns. Therefore, CDOF = total number of streams – sum of 
restraining number – redundancies in process variables = (55 + 9) – 14 – 6 = 44. 
Level 2.1: Identify and Analyze Plant-Wide Disturbances. An understanding of the 
possible disturbances in the process and their propagation throughout the plant can have 
considerable influence on the control structure design and controller tuning. The steady-state 
model is perturbed by introducing various disturbances listed in Table 3.7, and the effects of 
these disturbances are summarized in Table 3.8. Note that when the feed flow rate of oil is 
changed for disturbances D1 to D4, the methanol-to-oil ratio is still maintained. 
 
Table 3.6: Restraining Number of Process Units 
Unit Operation No. of Units Restraining Number of Each Unit 
CSTR (non-adiabatic) 4 0 
Three-phase separator  3 0 
Column 2 0 
Mixer 3 1 
Splitter 1 1 
Heat Exchanger 2 2 
Cooler 1 1 
Pump/Compressor 3 1 
Condenser* 2 1 
Reboiler* 2 0 
Total restraining number 14 
* Konda et al. (2006) considered energy inputs to the condenser or reboiler as 2 utility streams, 
and therefore the restraining numbers are 2 and 1 respectively for condenser and reboiler. If one 
considers the energy input as one single energy stream, the restraining number becomes 1 and 0 
for condenser and reboiler respectively; however, the total CDOF does not change as the number 
of streams is reduced accordingly.  
 
It can be seen from Table 3.8 that feed flow rate disturbances, with feed methanol-oil 
ratio fixed, produce approximately proportionate changes in product flow rate, and recycle 
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flow rate and various internal flow rates, and negligible changes in conversion. Decrease in 
reaction rates (D5) decreases the overall conversion; since unconverted oil is likely to end up 
in the product, this disturbance will affect impurity levels in the biodiesel product. 
Temperature disturbance (D6) on the other hand does not produce discernable changes. 
 
Table 3.7: Expected Disturbances in the Biodiesel Plant  
 
Disturbance Description 
D1 +5% feed (oil) flow rate  
D2 +10% feed (oil) flow rate 
D3 -5% feed (oil) flow rate 
D4 -10% feed (oil) flow rate 
D5 -10% in the forward reaction rates (k1, k3 and k5) 
D6 -10°C in feed  (oil and methanol) temperature 
 
Table 3.8: Effect of Disturbances on Important Flow Rates and Overall Conversion 
Disturbance ∆ Product 
flow rate 
∆ Recycle 
methanol flow rate 
∆ feed flow 
rate to Col1 
∆ feed flow 
rate to Col2 
∆ overall 
conversion 
D1 5.1% 4.8% 4.7% 4.9% 0.0% 
D2 10.1% 9.7% 9.5% 9.8% 0.0% 
D3 -5.1% -5.2% -5.1% -5.1% 0.0% 
D4 -10.1% -10.3% -10.1% -10.1% 0.0% 
D5 0.0% 0.0% -0.5% 0.1% -0.1% 
D6 0.0% 0.0% 0.0% 0.0% 0.0% 
 
Level 2.2: Set Performance and Tuning Criteria. In this preliminary stage of the 
procedure, settling time is chosen as a simple and convenient measure. The disturbance 
analysis in the previous level indicates that feed oil flow rate changes produce proportionate 
changes in internal and product flow rates of the plant; therefore, controllers in different parts 
of the plant can be tuned with the same rigor. 
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Level 3.1: Production Rate Manipulator Selection. This involves the identification 
of primary process path from the main raw material to the main product. For the biodiesel 
process, the primary process path is feed oil to biodiesel. As reactor operating conditions are 
fixed by optimization, the second best alternative choice is to use the feed oil flow rate as the 
throughput manipulator (TPM). 
Level 3.2: Product Quality Manipulator Selection. Product quality is one of the 
most important controlled variables for a chemical process. Biodiesel, the main product of the 
process, has to meet EN14214 standard. The impurities are monitored carefully. As un-
reacted tri-, di- and mono-glycerides are likely to end up in the final product, the reaction 
conversion is pushed to near-extinction of feed oil by excess methanol (by maintaining the 
feed methanol-to-oil ratio) and by cascade of reactor-separator design, as mentioned in 
Section 3.2.1. Therefore, the methyl ester content and impurity levels of tri-, di- and mono-
glycerides are implicitly taken care of. It is observed in steady-state simulations that, for all 
flow rate disturbances (i.e., D1-D4), glycerides levels are below the EN 14214 limits. For D5, 
while mono- and di- glyceride levels are still below the limit, there is a slight increase of tri-
glyceride (triolein) content. Hence, triolein impurity in biodiesel is controlled below 0.2 wt% 
via an additional controller to manipulate the set-point of the methanol-to-oil ratio controller. 
The methanol content in the final product is controlled by manipulating wash water flow rate.  
The second product of the process, glycerol, has to be refined to pharmaceutical grade 
(i.e. 99 wt%). This is a single-end composition control case for the glycerol-methanol 
column, as there is no need to monitor the recycled methanol purity. The energy input to the 
reboiler is chosen as the manipulated variable. However, there are limitations to use reboiler 
duty as the manipulated variable, as the reboiler temperature cannot exceed 150°C. Therefore 
a cascade loop is implemented for this purpose – the outer loop (with glycerol impurity as the 
controlled variable) manipulates the set-point of a temperature controller, while the inner 
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temperature controller manipulates the reboiler duty. The range of temperatures for the inner 
loop is capped at 150°C.  
In summary, the decisions regarding product quality made in Level 3.2 are: methanol 
content in biodiesel is controlled by wash water flow rate, triolein content in biodiesel is 
controlled by methanol-to-oil ratio, and glycerol stream impurity is controlled by reboiler 
duty. 
Level 4.1: Selection of Manipulators for More Severe Controlled Variables. 
Important process constraints such as equipment constraints, environmental and safety 
concerns, which have already been identified in Level 1.1, are dealt with in this step. The 
important constraints for the biodiesel process are: (1) Treboiler < 250°C for the methyl ester – 
methanol column (MF Column) and (2) feed methanol-to-oil ratio and methanol split ratios 
for the three CSTRs should be maintained.  
To satisfy constraint (1), a temperature controller with selector configuration is 
implemented for MF Column. The selector block has three inputs: a high (threshold) limit, a 
low limit and the actual temperature. The selector output is the median of these three inputs, 
which becomes the remote set-point for the temperature controller. Therefore, the reboiler 
temperature is allowed to float within acceptable limits; however, once the upper limit is 
reached, the manipulated variable (namely, reboiler duty) becomes active to maintain the 
temperature at the upper limit. 
It is important to maintain feed methanol-to-oil ratio, as mentioned in Level 3.2. For 
this, fresh methanol flow rate is manipulated. The amount of catalyst (sodium hydroxide) is 
adjusted so that the catalyst mass fraction remains constant in the inlet methanol stream (by 
means of a ratio controller).The split ratios of methanol to the first and second CSTRs are 
also maintained by ratio controllers. 
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Level 4.2: Selection of Manipulators for Less Severe Controlled Variables. It is 
important to control levels first as they are often integrating. The liquid levels in the CSTRs 
as well as the phase levels of all the three-phase separators are maintained by proportional 
controllers. For both MF and MG Columns, condenser levels are maintained by distillate 
flows and the reboiler levels are controlled by bottom flows, as reboiler duty is used to 
control the reboiler temperature. These are also consistent with the selected TPM, namely, 
feed oil flow rate, which dictates that inventory should be controlled in the direction of flow. 
Pressures in the CSTRs are maintained by the inert gas outlet flow (i.e. Streams 12, 18 and 
24) rate. Pressures in the two columns, which are below atmospheric pressure, are maintained 
by the respective condenser duties. The vent flow rates can also be used to maintain the 
pressure; however, they are not chosen as these flow rates are relatively small. 
Level 5: Control of Unit Operations. The control of most common process units is 
well established in Luyben et al. (1998), and can be used in this level. Level and pressure 
loops have been mostly taken care of in the previous steps. The temperature loops in the two 
distillation columns (i.e., process constraints) have also been taken care of in Level 4.1. For 
this process, there is no need to have dual-composition control for the two columns. Unit-
wise inventory for the reactors and columns are observed to be well-regulated, and no 
additional loops are implemented in these units. The neutralization unit is controlled by a pH-
controller. The pH of the outlet stream is controlled with the inlet acid flow rate as the 
manipulated variable. This unit neutralizes the alkaline catalyst, and at the same time, 
converts any soap formed (although not simulated) to fatty acid and salt. Therefore, the set 
point is maintained at slightly acidic condition.  
Level 6: Check Component Balances. The component balances for each unit as well 
as for the entire plant have to be ensured by the control system. Simulation provides a useful 
tool to investigate this aspect. Accumulation tables are prepared for each component in the 
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process using the ‘Spreadsheet’ available in Aspen HYSYS, and it is observed that the 
component inventory of the proposed biodiesel plant is well regulated. 
Level 7: Investigate the Effects due to Integration. The plant with and without the 
recycle loop closed are dynamically simulated in the presence of disturbances, and it is 
observed that the effect of integration is not severe. With the recycle loop closed, the initial 
peak of accumulation is only slightly higher than the case without recycle as illustrated by a 
representative profile of D3 in Figure 3.3. The attenuation of the effect of integration can be 
attributed to the effective control of feed methanol-oil ratio by means of a ratio controller. 
Therefore, no further modifications are needed in the regulatory control structure developed 
so far.  
 
Figure 3.3: Accumulation profile for D3 with and without recycle closed  
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Level 8: Enhance Control System Performance with the Remaining CDOF. The 
design engineer can make use of the remaining CDOFs to further enhance the control 
structure if required. There are 16 remaining CDOFs for the biodiesel plant.. In this case, no 
additional loops are warranted as the control system developed is adequate. 
Controller Tuning: The complete control structure is shown in Figure 3.4, and the 
controller parameters are given in Table 3.9. Tuning rules of Luyben (2002) are used for 
flow, level and pressure loops, which are observed to give good dynamic response. Other 
loops, such as temperature and composition loops, are tuned using the HYSYS auto-tuner 
first and further fine-tuned, if necessary. The percentage opening of each control valve in the 
base case operation should ideally be the design value, which is about 50% in most cases. 
However, as pressure-flow solver is used in the dynamic simulation, pressure depends on 
upstream conditions, and consequently valve openings may deviate from the design value. 
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Table 3.9: Controller Tuning Parameters and Control Valve Opening in the Base Case 
Operation at Steady State 




Reaction Section  
Biodiesel production rate Oil flow rate (TPM) 0.5, 0.3 47% 
Feed methanol-to-oil ratio 
(remote set point) 
Fresh methanol flow rate 0.5, 0.3 48% 
Methanol split ratio to first 
CSTR  
Methanol flow rate to first 
CSTR 
0.5, 0.3 50% 
Methanol split ratio to second 
CSTR 
Methanol flow rate to second 
CSTR 
0.5, 0.3 50% 
Pressures of all three CSTRs Outlet gas (air) flow rate 2.0, 10 31% 
Liquid levels in all three CSTRs Liquid outlet  flow rate 2.0 32% 
Heavy phase level in decanter 1 
and 2 
Heavy phase outflow  2.0 50% and 
50% 
Light phase level in decanter 1  Light phase outflow  20 47%  
Light phase level in decanter 2 Light phase outflow 14.7 61% 
Methanol – FAME separation column (MF)  
Condenser pressure Condenser duty 2.0, 10 16% 
Condenser level Distillate flow 1.8 51% 
Reboiler level Bottoms flow  1.8 37% 
Reboiler temperature (remote 
set point from selector block) 
Reboiler duty 0.532, 
0.100 
47% 
Methanol – Glycerol Separation column (MG)  
Condenser pressure Condenser duty 2.0, 10 40% 
Condenser level Distillate flow 1.8 48% 
Reboiler level Bottoms flow  1.8 50% 
Bottoms glycerol impurities 
mass fraction (with time delay) 
Temperature controller set point 0.1, 1.5 - 
Reboiler temperature (remote 
set point) 
Reboiler duty 0.8, 0.05 53% 
Neutralization and water wash units  
pH of outflow Inlet acid flow rate 0.1, 0.6 48% 
Neutralization reactor liquid 
level 
Outlet flow rate 2.0 61% 
Wash vessel biodiesel phase 
level 
Biodiesel phase outflow 2.0 52% 
Wash vessel water level Water outflow 2.0 52% 
Biodiesel methanol mass 
fraction (active only when the 
limit is exceeded) 
Wash water flow rate 0.5, 0.3 50% 
Biodiesel triglyceride mass 
fraction (active only when the 
limit is exceeded) 



































































CSTR 1 CSTR 2
CSTR 3
Decanter 1 Decanter 2
Wash Vessel
MG Column MF Column
Figure 3.4: Flowsheet with controllers for the biodiesel plant 
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3. 5      Results and Discussion - Performance Assessment of the Control System 
After implementation of the PWC structure developed by IFSH, the plant is allowed to 
settle for 4 hours. Subsequently, the plant is tested for disturbances in Table 3.7, except D6 as 
it does not produce significant changes in plant operation nor have significant dynamic effect 
on the plant. The disturbances tested here are representative of changes that happen in the real 
chemical plant – i.e., throughput changes and reaction rate inaccuracies. Feed rate 
disturbances, D1-D4 produce proportionate changes in product flow rate, as shown in Figure 
3.5. The plant-wide accumulation profiles are shown in Figure 3.6. While D5 does not 
produce significant change in product flow rate (Figure 3.5), however its dynamic 
accumulation profile is not negligible (Figure 3.6). D5 is meant to model inaccuracies in 
reaction rate, for example, due to incomplete mixing. The reason for non-zero accumulation 
(in Figure 3.6) is due to temporary material imbalance in the reactors due to changes in 
reaction rate, resulting in more unreacted trioleins, dioleins and monooleins. As triolein 
impurity only a small constituent in the final product, product flow rate is not significantly 
changed (Figure 3.5). 
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Figure 3.6: Accumulation profiles for selected disturbances 
 
Representative profiles of impurity in biodiesel and glycerol products are shown in 
Figures 3.7 and 3.8, respectively. The important impurity to monitor in biodiesel product is 
triolein content, as other impurity levels are well below the limit. While triolein content is 
below the upper limit (0.2 wt%) in the presence of disturbances D1-D4, disturbance D5 is 
expected to increase the triolein content as forward reaction rate is lowered. The additional 
composition controller is able to bring back triolein content below 0.2 wt% by increasing the 
feed methanol-to-oil ratio, the profiles of the corresponding methanol-to-oil ratios are also 
shown in Figure 3.7b. Glycerol purity is well maintained within the desired range by reboiler 
duty as shown in Figure 3.8. As the profiles of these variables for D1 and D3 are similar to 
that for D2 and D4, they are not shown. 
 
  
Figure 3.7A: Triolein impurity in biodiesel product in the presence of disturbances 
occurring at 4 hours 
D5 




Figure 3.7B: Feed methanol-to-oil ratio in the presence of disturbances occurring at 4 
hours  
 





Figure 3.8: Glycerol purity and MG column reboiler duty for selected disturbances occurring 
at 4 hours 
 
To give quantitative description of the dynamic performance, several PWC 
performance assessment criteria are computed. Details of about PWC performance 
assessment can be found in another chapter of the book. The performance criteria used are the 
following. 
a) Settling Time: In the plant-wide context with many control loops, there are several 
ways to define settling time for an entire plant. In this work, two definitions of settling time 
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are used: i) time required for the production rate to reach and remain within ±5% of the step 
change (Seborg et al., 2004), and ii) time required for the overall absolute accumulation to 
settle.  
b) Dynamic Disturbance Sensitivity (DDS): Konda and Rangaiah (2007)
 
have concluded 
that the integral of overall accumulation can serve as a good measure to gauge the impact of 
disturbances on the process. This performance measure,  referred to as DDS, is defined as: 
                                                                                 
  
   
                           
c) Deviation from the Production Target (DPT): Vasudevan and Rangaiah (2010) 
defined the deviation from the production target as: 
                                                                    
  
 
                      
The performance results in terms of the above criteria are summarized in Table 3.10. 
The settling time of the plant is in the order of 10-20 hours, due to large throughput as well as 
the residence time required for complete phase separation in the decanters. In general, as 
shown in Figures 3.5-3.8 and Table 3. 10, the control structure gives stable and satisfactory 
performance. 
Table 3.10: Performance Evaluation of Control Structure Designed by IFSH 
 Settling Time (h) 




D1 17.4 6.6 72.8 8738 
D2 20.9 15.2 222.5 15100 
D3 14.8 5.0 57.4 8521 
D4 16.4 7.6 126.1 16247 
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3.6       Summary 
In this chapter, design of an alkali-catalysed transesterification process to produce 
biodiesel from refined oil and methanol has been presented. An overall improved plant design 
is chosen after considering a number of process alternatives, and a more detailed and robust 
simulation than that reported in the literature is carried out. Subsequently, a complete PWC 
structure is developed using the IFSH methodology, and is shown to give stable and 








Optimal Design and Control of a Biodiesel Plant 
4.1       Introduction 
Plant-wide interaction of design and control is very important for optimal and operable 
plants. The design of a chemical plant is often dictated by process constraints and economic 
objectives, and can sometimes have conflicting interests with control goals. Therefore, a 
compromised solution has to be reached between design and control. Finding the global 
‘optimum’ is the main theme of many methodologies considering both design and control. 
Finding such an optimal solution for complete plants is much more complex than for single units, 
especially when there is significant material and energy integration.  
Methodologies for simultaneously solving the design and control problem have been 
developed (e.g., Mohideen et al., 1996; Kookos and Perkins, 2001; Sakizlis et al., 2004; Seferlis 
and Geordiadis, 2004; Flores-Tlacuahuac and Biegler, 2005; Ramirez and Gani, 2007; Ricardez-
Sandoval et al., 2008, 2009, 2010; Moon et al., 2010), however, they have some limitations. One 
such limitation that prohibits their application to large-scale industrial systems is the 
computational burden. Furthermore, it is difficult to find the best control decisions in early stages 
of design due to lack of information (Konda et al., 2006). Sequential methods to solve the design 
and control problem are a good and practical alternative to simultaneous methods, as 
cumbersome and time-consuming computation can be avoided. Konda et al. (2006) presented a 
modified sequential approach, where a few potential design alternatives are selected for control 
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design and analysis. This ensures that alternatives with little economic penalty are retained for 
further consideration. Furthermore, the applicability of the method, even to large-scale systems, 
makes it attractive.  
  A process design as well as the plant-wide control structure design of the biodiesel plant 
is presented in Chapter 3. This design will be subsequently referred to as the base-case design. In 
this, the reactor and separation system design, and recycle structure are based on information of 
industrial plants and considerations of process constraints. However, there is still room for 
alternative designs which are not yet explored. Therefore, in this chapter, the method of Konda et 
al. (2006) will be adopted, in order to find an overall optimal plant for the biodiesel process from 
the both design and control perspectives. Biodiesel process is selected for this study because it is 
a novel process where there are a number of alternatives, and it is important for renewable 
energy production.  
The rest of the chapter is organized as follows. Next section presents several alternative 
process flow sheet designs and their respective economic merit ranked by the biodiesel selling 
price. Section 4.3 presents plant-wide control design for the shortlisted flow sheets, with IFSH 
methodology. The comparison of control performance is presented in Section 4.4 for choosing 
the overall optimal plant. Finally, the summary is given in Section 4.5. 
4.2       Synthesis and Economic Analysis of Alternative Process Flow Sheets 
4.2.1    Synthesis of Alternative Flow Sheets 
Reactor Sub-system 
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Reactor design is very important for the biodiesel process, as conversion of vegetable oil 
directly impacts the subsequent separation train design and final product quality. In the base-case 
design (Chapter 3), a 2-stage CSTR-decanter system is employed to carry the reaction to near 
completion. However, this is not the only design possible. Stiefel and Dassori (2009) 
investigated performance of biodiesel reactors in terms of FAME yield for plug flow and 
complete mixing (CSTR) patterns, and concluded that the former pattern shows a distinctive 
benefit in terms of yield and reactor volume reduction compared to complete mixing. Therefore, 
the reactor system of the base-case design can be modified as shown in Figure 4.1. Methanol and 
oil are immiscible; therefore, a small CSTR is employed as a pre-reactor in which some FAME 
product is formed and acts as a mutual solvent for methanol and oil in subsequent plug flow 
reactors (PFR). The subsequent separation train design can remain the same as the base-case 
design. This alternative design will be called Case 1 hereafter, and is capable of reaching near 
complete reaction with much smaller reactor volume and an inlet methanol-oil ratio of 7.9 based 
on simulation results using HYSYS. 
Stiefel and Dassori (2009) also concluded that increasing methanol-oil ratio can improve 
any reactor system performance. Therefore, we can design the reactor subsystem without inter-
stage separation by increasing reactor volume and by using a larger methanol-oil ratio. This can 
be achieved by using either CSTR or PFR. In Case 2, three CSTRs of equal volumes are used in 
parallel with the feed methanol and oil split equally to each reactor. This structure is necessary 
due to the large capacity of the plant; one single CSTR with equivalent conversion will be of 
unrealistic volume. This configuration requires a methanol-oil ratio of 20 to achieve required 
conversion. Alternatively, we can use a CSTR pre-reactor followed by two parallel PFRs, which 
                                                                           Chapter 4 Optimal Design and Control of a Biodiesel Plant 
71 
 
require a relatively lower methanol-oil ratio of 14.7. This configuration will be called Case 3. 
The subsequent separation train of the plant can remain unchanged as the base-case design. 
CSTR PFR 1 PFR 2
Decanter 1 Decanter 2
Methanol















Figure 4.1: Reactor Subsystem Design for Case 1 
Recycle Structure 
Zhang et al. (2003) and West et al. (2008) concluded that raw material cost, more 
specifically the cost of vegetable oil is the main contributor to the biodiesel manufacturing cost. 
The base-case as well as Cases 1-3 are all based on the premise that transesterification of 
vegetable oil is carried to near extinction. Therefore, the need to recycle unused oil is eliminated. 
An alternative to such designs is to use a single stage, smaller reactor that only partially converts 
feed vegetable oil. Subsequently, unconverted oil can be recycled and mixed with fresh feed oil. 
Such a design is illustrated in Figure 4.4, and will be termed as Case 4. An additional column is 
required to separate biodiesel product and unconverted oil (FAME-Oil Column).  
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Complete process flow sheets with stream data of the alternative cases mentioned above 
are presented in the Appendix A. 
Decanter 
Methanol
To Glycerol – Methanol 
separation column
Oil















To Glycerol – Methanol 
separation column
Oil




Figure 4.3: Reactor Subsystem Design for Case 3 
4.2.2     Economic Analysis 
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The relative economic merits of the base case and the four alternatives (Cases 1-4) are 
unknown unless detailed profitability analysis is carried out for each of them. Capital costs are 
evaluated for all five cases based on CAPCOST program of Turton et al. (2010) and updated 
with the Chemical Engineering Plant Cost Index (CEPCI) of 575. To evaluate cost of 
manufacturing, same raw material and utility cost data are used as in Table 3.3. Finally, a project 
life of 10 years and a return on investment of 20% are assumed for computing the selling price of 
biodiesel. A summary of the profitability analysis procedure is shown in Figure 4.5, and the 
capital and manufacturing costs for the five cases are presented in Table 4.1. The five cases have 
the same capacity of approximately 210,670 tonnes per year. It can be seen that Case 4 incurs the 
highest capital cost due to the additional column and highest manufacturing cost due to the high 
energy consumption to remove unconverted oil from the product FAME. Case 2 also incurs high 
capital costs due to the large volumes of CSTRs used in the process. With significantly higher 
biodiesel selling price, Case 2 and 4 are eliminated based on economic grounds. The remaining 
cases, namely, Case 1, Case 3 and base case, have very close biodiesel selling prices, and they 
will be retained for further controllability evaluation in the next section. It is worth mentioning 
that, despite having similar overall capacities, capital cost of the same unit operation can be quite 
different due to different plant designs. For example, size of the 3-phase separator depends on 
ease of separation of the two phases (relative density) which in-turn depends on the composition. 
Different reactor designs have considerably different conversion rates, and different methanol-to-
oil ratios, resulting in different outlet composition. This  will make a huge impact on the size of 
the separator used. A more complete reaction, and less excess methanol used will result in a 
smaller size of the separator, and thus smaller capital cost. 
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4.3       Control Structure Synthesis for the Most Promising Process Flow Sheets 
A detailed description of the control structure synthesis for the base case has been 
presented in Chapter 3. The same plant-wide control methodology, i.e., integrated framework of 
simulation and heuristics (IFSH) is applied to Cases 1 and 3 to design the control structure. 
Details of the application of IFSH will not be repeated here. The control objectives and plant-
wide disturbances considered are the same as those in Chapter 3. The control structures obtained 
for Cases 1 and 3 are similar to the base case (see Figures 3.4 and 4.6). Controlled and 
manipulated variables, as well as controller tuning parameters are presented in Table 4.2. 
Luyben’s (2002) guidelines for controller tuning are used wherever appropriate, and HYSYS 

































Figure 4.4: Process Flow sheet for Case 4














Figure 4.5: Profitability Analysis of a Chemical Plant 
 
Table 4.1: Cost Breakdown of Alternative Flow Sheets 
 Base Case Case 1 Case 2 Case 3 Case 4 
Capital Costs 
Reactor(s) $993,000 $286,500 $2,022,000 $386,600 $352,000 
Towers $97,600 $85,900 $225,800 $169,900 $265,500 
Condensers and 
Reboilers 
$484,900 $794,500 $1,234,800 $1,420,100 $1,592,100 
Phase 
Separator(s) 
$1,244,000 $1,248,000 $469,000 $339,000 $834,000 
Heat 
Exchangers 
$404,300 $398,800 $386,300 $264,600 $584,800 
Pumps and 
Vacuum pumps 
$428,506 $425,806 $377,285 $366,306 $643,603 
Total CBM
*
 $3,978,706 $3,304,606 $4,780,285 $3,011,606 $4,120,103 
Manufacturing Cost 
Raw Materials $170,854,095 $170,640,105 $171,825,009 $171,017,280 $170,580,109 
Utilities $2,448,076 $2,087,704 $3,229,851 $2,899,271 $5,958,913 
Selling Price 
(US$ per ton) 
$745.88 $740.54 $764.32 $746.47 $772.76 
*: Total Bare Module Cost 
Cost of Feed Stocks, Utilities, 
Operations, Maintenance, Plant 
Overhead & Depreciation 
Cost of Equipment, Utilities & Services 
Facilities & Site Preparation 
Direct Permanent Investment 
Total Depreciable Capital 
Total Permanent Investment 
Total Capital Investment 
Cost of Manufacture 
Cost of Sales 
Required Selling Price of the 
Product 
+ Cost of Contingencies 
+ Cost of Land, Royalties & Start-
up 
+ Working Capital 
+ Selling & Admin. 
Expenses, Research & 
Incentive Compensation 
Desired Return on Investment 
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 Figure 4.6A: Process Flow sheet with Controllers for Case 1 































































 Figure 4.6B: Process Flow Sheet with Controllers for Case 3 
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Table 4.2: Summary of Plant-wide Control Structure for Base Case, Case 1 and Case 3 






















Oil flow rate 
(TPM) 
0.5, 0.3 Biodiesel 
production 
rate 
Oil flow rate 
(TPM) 
0.5, 0.3 Biodiesel 
production 
rate 

























ratio to first 
CSTR  
Methanol flow 
rate to first CSTR 
0.5, 0.3 Methanol 




flow rate to 
CSTR pre-
reactor 
0.5, 0.3 Methanol 
split ratio 
to first PFR 
Methanol 




ratio to second 
CSTR 
Methanol flow 
rate to second 
CSTR 
0.5, 0.3 Methanol 
split ratio to 
first PFR 
Methanol 
flow rate to 
first PFR 





flow rate to 
second PFR 
0.5, 0.3 
Pressures of all 
three CSTRs 
Outlet gas (air) 
flow rate 











Liquid levels in 
all three CSTRs 
Liquid outlet  
flow rate 













level in decanter 
1 and 2 
Heavy phase 
outflow  
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and 2 (decanter 2) 
Light phase level 
in decanter 1  
Light phase 
outflow  











Light phase level 
in decanter 2 
Light phase 
outflow 






Methanol – FAME separation column (MF) 
Condenser 
pressure 















Distillate flow 1.8 
Reboiler level Bottoms flow  1.8 Reboiler 
level 
Bottoms flow 2.0 Reboiler 
level 


















Reboiler duty 0.132, 
0.100 
Methanol – Glycerol Separation column (MG) 
Condenser 
pressure 















Distillate flow 1.8 
Reboiler level Bottoms flow  1.8 Reboiler 
level 
Bottoms flow 2.0 Reboiler 
level 







0.1, 1.5 Bottoms 
glycerol 
impurities 



















Reboiler duty 0.8, 0.05 Reboiler 
temperature 
(RSP) 
Reboiler duty 0.8, 0.08 Reboiler 
temperatur
e (RSP) 
Reboiler duty 0.13, 0.08 
Neutralization and water wash units 
pH of outflow Inlet acid flow 
rate 




0.1, 0.6 pH of 
outflow 

















































when the limit is 
exceeded) 
Wash water flow 
rate 
























when the limit is 
exceeded) 
Fresh methanol 
flow rate set 
point 
0.0793, 320 - - - - - - 
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4.4       Optimal Plant from the Design and Control Perspective 
 The profitability measures in Section 4.2 allowed us to shortlist candidate designs for 
control studies. The control performance of these alternatives is analyzed in this section.  
Vasudevan and Rangaiah (2010) recommended a few quantitative measures for assessing the 
dynamic performance of a PWC system. These measures, namely settling time, dynamic 
disturbance sensitivity (DDS), deviation from production target (DPT) and final steady-state 
economic measure are adopted here. The definitions of these performance measures have been 
presented in Chapters 2 and 3. With the disturbances D1-D5 as in Chapter 3, these measures are 
computed for the base case and the two alternative design cases, and are presented in Table 4.3. 
The transient responses of some important controlled variables and their corresponding 
manipulated variables are shown in Figure 4.7. It has been observed that the manipulated 
variables are well within permissible ranges and no valve saturation for all the cases.  
It can be seen from Table 4.3 that, for disturbances D1-D4, Case 3 performs best without 
exception in terms of settling time, DDS and DPT. The accumulation profiles shown in Figure 
4.8 confirm that Case 3 settles fastest amongst all despite a higher initial peak. The faster 
dynamics of Case 3 can be attributed to the use of one single phase separator instead of two for 
the other cases. Case 1, with three PFRs and two intermediate phase separators, handles D5 (-
10% in forward reaction rate constants) better. For Case 1, the effect of the disturbance D5 is 
really small, therefore using the same criteria for settling time/DDS, the value obtained seem to 
be small. This can be attributed to the very effective reaction system to attenuate disturbances of 
reaction rates. Both Cases 1 and 3 outperform the base case in terms of control. As Cases 1 and 3 
are close in terms of steady state economic measure (Table 4.3), Case 3 is chosen as the overall 
best design due to its superior control performance. 
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4.5      Summary 
 In this chapter, four alternative process flow sheets for the biodiesel process in addition to 
the base case are developed and designed. All of them are analyzed based on their economic 
viability, and three cases with lower recommended biodiesel selling price are shortlisted. Plant-
wide control systems are developed based on IFSH methodology for the shortlisted cases, and 
their control performances are analyzed and compared. A final recommendation of the optimal 
case (namely, Case 3 with a single phase separator) from both the design and control 
perspectives is made. 






Figure 4.7: Transient Responses of Selected Process Variables and Corresponding Manipulated 
Variables for disturbance D1 





Figure 4.8: Absolute Accumulation of All Components for Base-case, Case 1 and Case 3 for 
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Table 4.3: Performance Evaluation of Control Structures for Base Case, Case 1 and Case 3 
 Base-case Case 1 Case 3 
Settling Time (h) 












D1 17.4 6.6 13.6 6.3 3.0 2.4 
D2 20.9 15.2 17.9 15.9 3.1 4.4 
D3 14.8 5.0 10.9 4.7 3.2 2.3 
D4 16.4 7.6 9.3 5.7 3.3 3.3 
D5 25.1 26.2 9.94 0.17  6.6 5.1 
Total 94.6 60.6 61.6 32.8 19.2 35.5 
DDS (kmol) 
D1 72.8 56.9 31.2 
D2 222.5 193.1 80.4 
D3 57.4 45.1 27.0 
D4 126.1 92.6 58.9 
D5 113.2 1.9  169.6 
Total 592 389.6 367.1 
DPT (kg) 
D1 8738 7850 1465 
D2 15100 19290 3000 
D3 8521 6795 1349 
D4 16247 12414 2839  
D5 447 204.7 7821 
Total 49053 46554 16474 
Selling Price at New Steady State ($/tonne) 
Nominal 745.88 740.54 746.47 
D1 746.06 742.50 744.14 
D2 751.34 746.26 742.73 
D3 745.28 738.88 746.57 
D4 745.79 740.82 747.23 
D5 753.73 740.69 744.93 
Average 748.01 741.62 745.35 
 
 




Conclusions and Recommendations 
 
5.1      Conclusions  
 Plant-wide control studies such as comparison of methodologies, design and control case 
study of new chemical processes have been presented. The major contributions and conclusions 
of the thesis are summarized below. 
1. Two recent PWC methodologies, namely, self-optimizing control (SOC) and integrated 
framework of simulation and heuristics (IFSH) have been compared based on a case 
study of ammonia synthesis process. The ammonia synthesis process is an important and 
new case study for PWC studies. The two control structures yielded from the two 
methodologies are compared based on an array of performance assessment criteria. The 
control structure synthesized by IFSH is found to perform slightly better in terms of 
transient responsiveness while that by SOC is found to have better steady-state 
profitability. 
 
2. A base case design for the biodiesel process has been developed, and the PWC structure 
has been designed by IFSH and tested for various disturbances. Control study for 
biodiesel process is novel, and is important to keep important process variables within 
permissible limits, such as reboiler temperatures. The IFSH control structure is shown to 
give stable performance.  




3. The integration of design and control is explored, in order to achieve optimal plant 
operation without causing stability problems. The biodiesel process is selected as a case 
study, as bio-fuels are gaining importance. Furthermore, biodiesel plants are usually 
functioning with very low profit margin, therefore optimal process design and control are 
paramount. In addition to the base case design for the process, several alternative process 
designs are developed and assessed based on their respective economic merits. Three 
shortlisted process designs are analyzed further for their dynamic control performance. 
Based on both the economic analysis and control study, the overall optimal candidate is 
the one with the fastest dynamic response and very little economic penalty.   
5.2       Recommendations for Future Work 
 Many PWC methodologies and applications have been developed in recent years. As 
process industry is constantly evolving, PWC remains an active research area. Some promising 
areas of study in the PWC domain are identified below. 
 Improvement of heuristics-based PWC methodologies. Many of the existing 
methodologies such as Luyben’s heuristic methodology and IFSH have been proven to yield 
stable and satisfactory performance. Nonetheless, there is still room for improvement. One 
example of improvement is the incorporation of mathematical and optimization tools in a largely 
heuristic-based methodology. Vasudevan (2010) has developed one such hybrid methodology of 
heuristics and optimization. Improvements of heuristics-based methodology would potentially 
allow better steady-state profits to be achieved in the presence of disturbances, which is certainly 
of great interest to the chemical industry. Developments of improved methodologies will 
inevitably involve comparative studies on typical and complex processes such as the ammonia 
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synthesis process in this thesis. The performance assessment criteria employed in this thesis 
(Vasudevan and Rangaiah, 2010) would be important in such comparison studies, and better 
assessment criteria can be developed to capture all differences in the control performance. 
 New application case studies. The two processes considered in this thesis, the ammonia 
synthesis and biodiesel process are recent/new applications for PWC studies. The applications 
for PWC studies have diversified from originally one or two popular processes (such as TE and 
HDA process) to a plethora of chemical processes. Important processes especially newer ones 
such as the bio-fuel processes are of great interest to control researchers. Existing methodologies 
and improved methodologies can be tested on these novel case studies. 
 Integration of design and control. This thesis employed a sequential procedure to tackle 
the problem of design and control for the biodiesel process. More such novel processes can be 
analyzed in this fashion. The possibility of simultaneous design and control should also be 
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Restraining Number Method to Determine Control Degrees of Freedom 
 
Control degree of freedom (CDOF) is the maximum number of streams that can be 
manipulated simultaneously, and it directly dictates whether a control system is feasible. While 
Gibb’s phase rule gives the degrees of freedom for intensive variables, CDOF mainly deals with 
extensive variables such as material and energy streams. In any PWC methodology, determining 
CDOF is a prerequisite for any subsequent design procedures. Konda et al. (2005) proposed a 
simple yet effective procedure for determining CDOF, namely, the restraining number method. 
Irrespective of the nature of the control loop, the manipulated variable is ultimately the 
flow rate of a process stream (including utility/energy stream). The maximum number of 
manipulated variables that is associated with a unit is less than or equal to the total number of 
streams associated with the unit. Therefore, the restraining number is defined as the difference 
between the total number of streams and the CDOF of a particular unit. 
                                                                          ………(A.1) 
where x is the restraining number of that unit. From the analysis of units with and without 
associated inventory, Konda et al. (2005) concluded that: 
                                                                                                                                                                                           
Following this relation, Table A.1 presents a summary of the restraining number of some 




Table A.1: Restraining Number Calculation for some Standard Units 
Stream/Unit Schematic Representation Overall Material 
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Konda et al. (2005) have shown that the restraining number is a characteristic of the unit 
and remains the same regardless of the environment it is in. Therefore, CDOF of the entire plant 
is simply a summation of individual unit CDOFs. Following this procedure, CDOF for the 
ammonia synthesis process can be conveniently computed by calculating the total number of 
streams (material and energy) and subtracting the total number of restraining numbers for all the 
units. 
                                                                
 
              …………………(A.2) 
where   is the total number of units and    is the restraining number of each unit. The 
information required to calculate CDOF can be readily obtained from the process flow sheet. As 
an example, the flow sheet of the ammonia synthesis process in Chapter 2 is presented in Figure 
A.1, with the (red) circles containing the restraining number    of each process unit. A summary 
of the restraining number calculation is presented in Table A.2 below. 
Table A.2: Restraining Number Calculation for the Ammonia Synthesis Process 






Valves 9 1 9 
Mixer 4 1 4 
Splitter 2 1 2 
Heat Exchanger 4 2 8 
Compressor 2 1 2 
Adiabatic PFR 3 0 0 
Adiabatic Flash 1 0 0 
 Total restraining Number 
of the process,    
 
    
25 
 
Total Number of streams in the process = 39 (37 Material streams and 2 energy streams) 
                                     
 
   
































Figure A.1: Process Flow Sheet Indicating the Restraining Number of Each Unit 
  
 The restraining number method can be applied to all chemical processes. For the 
biodiesel process, this method is also applied to calculate CDOF of alternative flow sheets 


























Process Flow Sheets and Stream Data for Alternative Design Cases of the 
Biodiesel Process 
In Chapter 4, several alternative flow sheets are designed for the biodiesel process. Two 
of the alternatives are selected for dynamic controllability study, i.e. Cases 1 and 3. The 
complete process flow sheets of these two cases are presented in Figures B.1 and B.2 
















































PFR 1 PFR 2















































8 9 10 13 15 
Temperature (°C) 25.0 25.0 32.4 25.0 74.5 74.5 74.5 70.0 70.3 
Pressure (kPa) 600 600 540 320 400 400 400 400 400 
Mass Flow (kg/h) 2934 26200 171 541 7.52 1279 6237 32438 30185 
Mole Flow (kmol/h) 91.6 29.6 7.3 34.0 0.23 39.8 194.3 223.8 189.1 
Mass Fraction 
Triolein - 1.0000 - - - - - 0.1359 0.1406 
Diolein - - - - - - - 0.0722 0.0774 
Monoolein - - - - - - - 0.0223 0.0239 
Methanol 1.0000 - - - 0.9918 0.9918 0.9918 0.1268 0.1195 
NaOH - - - - 0.0082 0.0082 0.0082 0.0020 0.0019 
FAME - - - - - - - 0.5874 0.6312 
Glycerol - - - - - - - 0.0534 - 
HCl - - 0.3700 - - - - - - 
Water - - 0.6300 1.0000 - - - - - 










Temperature 70.3 70.0 70.3 70.3 60.3 64.1 13.06 69.35 35.72 
Pressure 400 350 350 350 51 42 7 101 600 
Mass Flow 2252 31465 30159 1305 30026 3547 2663 26334 4513 
Mole Flow 34.8 228.9 206.8 22.11 206.1 56.9 29.3 89.9 140.8 
Mass Fraction 
Triolein - 0.0106 0.0111 - - - - 0.0015 - 
Diolein 0.0036 0.0068 0.0071 0.0002 - - - 0.0004 - 
Monoolein - 0.0017 0.0017 - - - - 0.0002 - 
Methanol 0.2247 0.1320 0.1248 0.2970 0.1238 0.2520 0.0040 0.0009 1.000 
NaOH 0.0028 0.0022 0.0022 0.0033 0.0022 0.0030 0.0038 - - 
FAME 0.0004 0.8177 0.8530 0.0001 0.8740 0.7450 - 0.9966 - 
Glycerol 0.7686 0.0290 - 0.6986 - - 0.9922 - - 
HCl - - - - - - - - - 










































































Figure B.2: Process Flow Sheet for Case 3 
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8 9 10 13 16 
Temperature (°C) 25.0 25.0 32.4 25.0 70 70 70 70 72.57 
Pressure (kPa) 600 600 540 320 400 400 400 400 350 
Mass Flow (kg/h) 2948 26200 240.5 528.7 2800 2800 8401 34602 20102 
Mole Flow (kmol/h) 92.0 29.6 10.9 29.4 87.2 87.2 261.7 291.3 232.9 
Mass Fraction 
Triolein - 1.0000 - - - - - 0.0426 0.0012 
Diolein - - - - - - - 0.0268 0.0021 
Monoolein - - - - - - - 0.0094 0.0014 
Methanol 1.0000 - - - 0.9918 0.9918 0.9918 0.1667 0.6504 
NaOH - - - - 0.0082 0.0082 0.0082 0.0022 0.0031 
FAME - - - - - - - 0.6844 0.6504 
Glycerol - - - - - - - 0.0679 0.0670 
HCl - - 0.3700 - - - - - - 
Water - - 0.6300 1.0000 - - - - - 










   
Temperature 50.65 60.25 232.40 106.9 69.4 33.0    
Pressure 42 43 43 9 101 600    
Mass Flow 5991 33939 26236 2700 26261 10930    
Mole Flow 132.5 331.9 91.5 29.8 89.8 341.1    
Mass Fraction 
Triolein - - - - 0.0018 -    
Diolein - - - - 0.0005 -    
Monoolein - - - - 0.0021 -    
Methanol 0.5536 0.2279 0.0012 0.0096 0.0011 1.000    
NaOH - 0.0029 0.0037 - - -    
FAME - 0.7692 0.9951 - 0.9941 -    
Glycerol 0.4464 - - 0.9904 - -    
HCl - - - - - -    
Water - - - - 0.0004 -    
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